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SUMMARY
Methane Dissolved in Wastewater Exiting UASB Reactors: Concentration
Measurement and Methods for Neutralisation
Methane exiting upflow anaerobic sludge blanket (UASB) reactors (operating at
standard conditions) dissolved in the liquid phase constitutes a significant proportion
of the total quantity of methane that is evolved in the reactors. This significantly
affects the energy balance and greenhouse gas (GHG) emissions of the reactors.
Initially a method for direct measurement of the liquid phase concentration of
methane in the wastewater exiting the UASBs at Hammarby Sjöstads Reningsverk
pilot plant is developed. Results from the measurements show that the wastewater has
a methane concentration of between 2.5x10-5 and 3.8x10-5 [mol fraction],
corresponding to about 120 to 180 % of the theoretically predicted saturation
concentration given conditions in the UASB headspace.
Systems are also designed to recover and oxidise the methane from wastewater
exiting UASB reactors in a proposed full-sized local wastewater treatment plant for
Hammarby Sjöstad, handling wastewater from 15,000 person equivalents, and with a
COD equal to that of wastewater treated at Hammarby Sjöstads Reningsverk pilot
plant.
Dimensioning, costing and performance analysis procedures are developed for two
main types of system; packed tower counter-current cascades and bubble column
counter-current cascades. For each type of system, two distinct cases are considered:
One where the methane concentration in the gas phase exiting the respective cascades
is 0.0125 [mol fraction]. For this case, a regenerative thermal oxidiser (RTO) with
high heat exchange efficiency is used to oxidise the methane. Secondly, systems are
designed where the methane concentration in the gas phase exiting the respective
cascades is 0.28 [mol fraction] up to 0.41 [mol fraction]. For this latter case, no
specific final oxidation step is considered.
It is shown that all systems considered are capable of reducing the quantity of
methane released to the atmosphere by at least 97%, compared to the situation where
no methane recovery and oxidation system is considered. It is furthermore shown that
it is technically and economically feasible to do so and that a high proportion of the
energy content of the recovered methane can be utilised.
Packed tower cascades desorbing to an exiting gas phase methane concentration of
0.0125 [mol fraction] with subsequent oxidation in an RTO are capable of performing
the entire process at a total cost of 0.47 [SEK/m3 wastewater] and process energy use
of 4.6 [kJel/s] or 127 [kJel/m3 wastewater]. Total cost for equivalent systems desorbing
with bubble column cascades are very similar, though process energy use is roughly
an order of magnitude greater.
Combustion of recovered methane at the low exiting gas phase concentrations
considered in these systems in the RTO yields an energy output of 47 [kJthermal/s] or
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1.3 [MJthermal/m3wastewater] in the form of flue gas at 340 [oC]. This energy output may
be used for process or space heating purposes.
Packed tower and bubble column systems for desorption to high exiting gas phase
methane concentrations are at least 20% more expensive and have a process energy
demand about an order of magnitude greater than the respective low exiting gas phase
concentration systems described above. These systems have an advantage over low
exiting gas phase methane concentration systems because the high concentration
methane output has the possibility to be upgraded to vehicle fuel, increasing the total
environmental benefit of the system by using evolved methane as a direct replacement
for a fossil fuel.
Key words: Dissolved methane, greenhouse gas emissions, UASB, packed tower,
bubble column, counter-current cascade, methane desorption, regenerative thermal
oxidiser, gas chromatography.
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SAMMANFATTNING
Metan löst i avloppsvatten utgående från UASB-reaktorer:
Koncentrationsmätning och metoder för neutralisering
Metan som utgår från Upflow Anaerobic Sludge Blanket (UASB) – reaktorer (i drift i
standardförhållande) löst i vätskefasen utgör en betydande del av den totala mängden
metan som avges i reaktorerna. Detta inverkar påtagligt på energibalansen och
växthusgasutsläppet från reaktorerna.
Metoden har ursprungligen utvecklats för direkt mätning av metanhalter i vätske fasen
i avloppsvatten utgående från UASB-reaktorerna vid Hammarby Sjöstads
Reningsverk pilotanläggning. Resultat från mätningen visar att avloppsvattnet har en
metanhalt mellan 2.5x10-5 and 3.8x10-5 [mol fraction], motsvarande 120 % till 180 %
av det teoretiskt beräknade mättade halten enligt förhållanden i UASB- headspace.
System har konstruerats för att återvinna och oxidera metan från avloppsvatten
utgående från UASB-reaktorer på ett fullskale reningsverk vid Hammarby Sjöstad.
Detta verk renar avloppsvatten från 15,000 p.e. med COD som motsvarar det
avloppsvatten som nu behandlas i Hammarby Sjöstads Reningsverk
pilotanläggningen.
Dimensionering, kostnad och prestandaanalysmetoder är utvecklad för två typer av
system: Packadkolonn motströmskaskader samt bubbelkolonn motströmskaskader.
För båda typer av system, beaktas två olika fall. För det första, metanhalten i gasfasen
utgående från kaskaderna är 0.0125 [mol fraction]. I detta fall, har en Regenerative
Thermal Oxidiser (RTO) med hög värmetransportseffektivitet används. I det andra
fallet, har system konstruerats med metanhalt i utgående gasfasen mellan 0.28 och
0.41 [mol fraction]. I det senare fallet, har inget oxidationssystem beaktats.
Det visar sig att alla system har förmågan att reducera metanutsläpp till atmosfären
från UASB reaktorerna med 97 %, jämfört med läget där inget system för
metanåtervinning och oxidering beaktas för avloppsvatten efter UASB reaktorerna.
Dessutom visar det sig att sådana system är tekniskt och ekonomiskt utförbara, och att
en stor del av energiinnehållet av den återvunna metanen kan utnyttjas.
Packadkolonnkaskader som desorberar till en utgående gasfasmetanhalt av 0.0125
[mol fraction] med följande oxidering i en RTO utför hela processen till en total
kostnad av 0.47 [SEK/m3 avloppsvatten], och processenergiförbrukning av 4.6 [kJel/s]
eller 127 [kJel/ m3 avloppsvatten]. Den totala kostnaden för en motsvarande
bubbelkolonnkaskad är i stort sätt liknande, fast processenergiförbrukningen är en
storleksordning större.
Förbränning av den återvunna metanen vid den låga koncentrationen beaktas för detta
fall i RTO ger energieffekt av 47 [kJvärme/s], eller 1.3 [MJvärme/m3 avloppsvatten], i
formen av rökgas vid 340 [oC]. Denna energieffekt kan användas för rymd- eller
processvärme.
Packadkolonn och bubbelkolonnkaskader som desorberar till höga utgående gasfasmetanhalterna är åtminstone 20 % dyrare och har en processenergiförbrukning i
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storleksordning större än motsvarande system med lågt utgående metankoncentration
i gasfas beskrivna ovan. Dessa system har dock en fördel gentemot system med lågt
utgående gasfas metankoncentration i att den återvunna metanen i hög koncentration
har möjlighet att renas till fordonsbränsle. På detta sätt kan den återvunna metanen
användas som direkt ersättning för fossilt bränsle.

iv

PREFACE
This Masters’ thesis project has been carried out as part of the evaluation of different
wastewater handling techniques as part of the Hammarby Sjöstad project on behalf of
Stockholm Vatten AB, Stockholm, Sweden. It is also included as a part of the
International Masters program in Sustainable Energy Engineering at the Department
of Energy Technology at the Royal Institute of Technology (KTH) in Stockholm,
Sweden.
I would like to thank Åke C. Rasmuson, my supervisor and examiner at KTH for
guiding of the course of the project. I would also like to thank Daniel Hellström firstly
for having given me the opportunity to investigate this important and exciting subject
and secondly for his continued support and advice, in particular for the writing of this
report.
Thanks are also due to Johnny Ascue Contreras at Jordbruks Tekniska Institutet,
Uppsala for carrying out the gas chromatograph measurements and preparing sample
bottles for the methane concentration measurements carried out at Hammarby
Sjöstads Reningsverk pilot plant.
I would like to thank all those at Sjöstadsverket and beyond who have contributed to
the success of the project, in particular Fredrik Petterson, Lars Bengtsson, and Lena
Jonsson all at Stockholm Vatten AB and Lars-Erik Olsson of Anox Kaldnes AB and
Åke Nordberg of Jordbruks Tekniska Institutet, Uppsala.
Where possible, electronic formats of reports and papers have been used in order to
minimize resource consumption due to the project, with print outs made only where it
was considered an absolute necessity.
Finally, a significant debt of thanks is due to my family and friends, in particular my
girlfriend, Bridget Doughty who has come to know more about methane desorption
systems than any deaf education professional ever should. Without her continued and
constant support and stubborn refusal to stop believing this project would not have
been possible.

v

vi

TABLE OF CONTENTS
SUMMARY.....................................................................................................................i
SAMMANFATTNING ..................................................................................................iii
PREFACE....................................................................................................................... v
TABLE OF CONTENTS ..............................................................................................vii
CHAPTER 1: INTRODUCTION .................................................................................... 1
1.1 Background.......................................................................................................... 1
1.2 Aim....................................................................................................................... 2
1.3 Method ................................................................................................................. 2
1.4 Readers Note........................................................................................................ 3
CHAPTER 2: MEASUREMENT OF METHANE CONCENTRATION IN
WASTEWATER ON LINE 4 OF HAMMARBYSJÖSTADS RENINGSVERK
PILOT PLANT ............................................................................................................... 5
2.1 Aim....................................................................................................................... 5
2.2 Introduction ......................................................................................................... 5
2.3 Theory.................................................................................................................. 6
2.4 Experimental Methods ........................................................................................ 6
2.4.1 Sampling Points.............................................................................................. 6
2.4.2 Sampling Procedure........................................................................................ 7
2.4.3 Gas Chromatograph Measurements................................................................. 8
2.4.4 Calculation Procedure..................................................................................... 8
2.5 Results and Discussion ........................................................................................ 8
2.6 Conclusions ........................................................................................................ 11
CHAPTER 3: TECHNOLOGY SELECTION............................................................... 13
3.1 Aim..................................................................................................................... 13
3.2 Introduction ....................................................................................................... 13
3.3 Desorption Unit Evaluation............................................................................... 14
3.3.1 Packed Tower ............................................................................................... 15
3.3.2 Bubble Column............................................................................................. 18
3.3.3 Plate Tower .................................................................................................. 19
3.3.4 Spray Tower ................................................................................................. 22
3.3.5 Summary ...................................................................................................... 23
3.4 Oxidation Systems ............................................................................................. 27
CHAPTER 4: PRE-STUDY: CALCULATION OF THEORETICAL MINIMUM
GAS PHASE FLOWS AND MAXIMUM GAS PHASE METHANE
CONCENTRATIONS................................................................................................... 29
4.1 Aim..................................................................................................................... 29
4.2 Introduction ....................................................................................................... 29
4.3 Method ............................................................................................................... 30
4.3.1. Independent Variables ................................................................................. 30
4.3.2 Calculation Method ...................................................................................... 31
4.4 Results and Discussion ...................................................................................... 33
vii

4.5 Conclusions ........................................................................................................ 38
4.6 Systems Chosen for Full Design Procedure...................................................... 39
4.7 Notation.............................................................................................................. 40
CHAPTER 5: SINGLE PACKED TOWER WEAK DESORPTION SYSTEM WITH
REGENERATIVE THERMAL OXIDISER: DESIGN, COST AND
PERFORMANCE PARAMETER CALCULATION .................................................... 41
5.1 Aim..................................................................................................................... 41
5.2 Introduction ....................................................................................................... 41
5.3 Method ............................................................................................................... 43
5.3.1 Independent Variables and Physical Assumptions......................................... 43
5.3.2 Dimension and Performance Parameter Calculation Procedures.................... 46
5.3.3 Annual Cost Calculation ............................................................................... 48
5.4 Results and Discussion ...................................................................................... 49
5.4.1 Initial System Design.................................................................................... 49
5.4.2 Incoming Liquid Phase Methane Concentration Sensitivity Analysis ............ 58
5.5 Conclusions ........................................................................................................ 60
CHAPTER 6: PACKED TOWER CASCADE WEAK DESORPTION SYSTEM
WITH REGENERATIVE THERMAL OXIDISER: DESIGN, COST AND
PERFORMANCE PARAMETER CALCULATION .................................................... 63
6.1 Aim..................................................................................................................... 63
6.2 Introduction ....................................................................................................... 63
6.3 Method ............................................................................................................... 65
6.3.1 Independent Variables and Physical Assumptions......................................... 65
6.3.2 Liquid and Gas Phase Conditions at Entrance and Exit of Subunits............... 66
6.3.3 Dimension and Performance Parameter Calculation Procedures.................... 66
6.3.4 Annual Cost Calculation ............................................................................... 67
6.4 Results and Discussion ...................................................................................... 68
6.5 Conclusions ........................................................................................................ 72
CHAPTER 7: BUBBLE COLUMN CASCADE WEAK DESORPTION SYSTEM
WITH REGENERATIVE THERMAL OXIDISER: DESIGN, COST AND
PERFORMANCE PARAMETER CALCULATION .................................................... 74
7.1 Aim..................................................................................................................... 74
7.2 Introduction ....................................................................................................... 74
7.3 Method ............................................................................................................... 76
7.3.1 Independent Variables and Physical Assumptions......................................... 76
7.3.2 Liquid and Gas Phase Conditions at Entrance and Exit of Subunits............... 77
7.3.3 Dimension and Performance Parameter Calculation Procedures.................... 77
7.3.4 Manual Iteration Procedure........................................................................... 78
7.3.5 Annual Cost Calculation ............................................................................... 78
7.3.6 Comparison of Dimensioning Procedure with Experimental Values.............. 79
7.4 Results and Discussion ...................................................................................... 80
7.5 Conclusions ........................................................................................................ 84
CHAPTER 8: PACKED TOWER CASCADE RICH DESORPTION SYSTEM:
DESIGN, COST AND PERFORMANCE PARAMETER CALCULATION ................ 85
8.1 Aim..................................................................................................................... 85
8.2 Introduction ....................................................................................................... 85
viii

8.3 Method ............................................................................................................... 87
8.3.1 Independent Variables and Physical Assumptions......................................... 87
8.3.2 Liquid and Gas Phase Conditions at Entrance and Exit of Subunits............... 88
8.3.3 Dimension and Performance Calculation Procedures .................................... 88
8.3.4 Annual Cost Calculation ............................................................................... 89
8.4 Results and Discussion ...................................................................................... 90
8.5 Conclusions ........................................................................................................ 95
CHAPTER 9: BUBBLE COLUMN CASCADE RICH DESORPTION SYSTEM:
DESIGN, COST AND PERFORMANCE PARAMETER CALCULATION ................ 97
9.1 Aim..................................................................................................................... 97
9.2 Introduction ....................................................................................................... 97
9.3 Method ............................................................................................................... 98
9.3.1 Independent Variables and Physical Assumptions......................................... 98
9.3.2 Liquid and Gas Phase Conditions at Entrance and Exit of Subunits............... 99
9.3.3 Dimension and Performance Calculation Procedures .................................. 100
9.3.4 Annual Cost Calculation ............................................................................. 100
9.4 Results and Discussion .................................................................................... 102
9.5 Conclusions ...................................................................................................... 106
CHAPTER 10: DISCUSSION .................................................................................... 107
CHAPTER 11: CONCLUSIONS ................................................................................ 112
CHAPTER 12: REFERENCES ................................................................................... 115
APPENDIX A: INITIAL ESTIMATE FOR QUANTITY OF METHANE
REQUIRED TO BE NEUTRALISED......................................................................... 120
APPENDIX B: EXPERIMENTAL PROCEDURES FOR MEASUREMENT OF
METHANE CONCENTRATION IN WASTEWATER ON LINE 4 OF
HAMMARBY SJÖSTADS RENINGSVERK PILOT PLANT.................................... 121
B.1 Equipment....................................................................................................... 121
B.2 Sample Collection Fittings.............................................................................. 121
B.3 Sample Collection ........................................................................................... 123
B.4 Post-Treatment of Samples............................................................................. 125
B.5 Gas Chromatograph Measurements .............................................................. 125
B.6 Example Concentration Calculation .............................................................. 125
APPENDIX C: ENVIROS CONSULTING LTD. BUBBLE COLUMN CROSSFLOW CASCADE...................................................................................................... 128
APPENDIX D: EXPLOSION LIMITS AND THEIR SIGNIFICANCE ...................... 130
D.1 Interpretation of Explosion Limits ................................................................ 130
D.2 Ignition Source Prevention............................................................................. 131
APPENDIX E: EQUATIONS USED IN DESIGN, COST AND PERFORMANCE
PARAMETER CALCULATIONS.............................................................................. 132
E.1 Desorption Unit Calculation Procedures ....................................................... 132
E.1.1 Dimension Calculations.............................................................................. 132
E.1.2 Total Capital Investment Calculations ........................................................ 137
ix

E.1.3 Annual Cost Calculation............................................................................. 141
E.2 RTO Calculation Procedures ......................................................................... 144
E.2.1 RTO Dimension Calculation ...................................................................... 144
E.2.2 RTO Performance Calculation.................................................................... 144
E.2.3 RTO Purchased Cost and Annual Cost Calculations ................................... 145
E.3 Calculation of Incoming and Outgoing Phase Concentrations for Cascades146
E.4 Notation........................................................................................................... 149
APPENDIX F: CONTACTS ....................................................................................... 152
APPENDIX G: LIST OF ABBREVIATIONS............................................................. 154
ADDENDUM 1: Additional Figures for Bubble Column Weak Cascades Varying
Overall Removal Efficiency ........................................................................................ 155
ADDENDUM 2: Determination of the Quantity of Methane Exiting the UASBs in the
Liquid Phase to be Recovered and Oxidised with Respect to GHG Emissions for
Entire System.............................................................................................................. 157

x

CHAPTER 1: INTRODUCTION
1.1 Background
Hammarby Sjöstad is a large urban renewal project in South East Stockholm. When
complete in 2015 there will be 10,000 apartments and 250,000 [m2] of commercial
space in the area. At this time it is expected that there will be a total of 30,000 people
living and working there [Stockholms Stad, 2006].
Hammarby Sjöstad is being developed with the aim that the environmental impact due
to the community be less than one half of the environmental impact due to standard
developments from the same time period. To achieve this goal, the project partners, of
whom Stockholm Vatten AB is one, have developed a cyclic model for energy and
resource use that is known as the Hammarby model.
One of Stockholm Vatten AB’s undertakings for the Hammarby Sjöstad project is to
develop a local sewage treatment plant for the area. The development process for this
plant is being carried out in two phases. Firstly, a treatment plant on a pilot scale has
been built to evaluate the performance of new and promising wastewater treatment
technologies. The pilot plant is designed to treat wastewater from 600 to 1000 people.
This evaluation is due to last until 2007. Secondly, based on the results of the pilot
scale project, a full-scale local sewage treatment plant to treat wastewater for 15,000
person equivalents is planned.
The pilot scale evaluation is being carried out at the time of writing and consists of
four separate treatment lines: two aerobic and two anaerobic. This thesis project is
carried out in connection with Line 4.
Incoming wastewater to Line 4 is pre-treated by step-screen and grit removal
processes after which a significant quantity of initial solids are removed in settling
tanks. The solids are stabilised by anaerobic digestion (producing biogas with fuel
potential). Meanwhile, the continued wastewater stream is fed into two Upflow
Anaerobic Sludge Blanket (UASB) reactors that breakdown remaining organics,
producing more biogas in so doing. After this, two alternatives for post-treatment are
available. The first option is nitrogen removal by biological
nitrification/denitrification followed by chemical phosphor removal. The second is
nutrient recovery by reverse osmosis.
One reason that the processes on Line 4 are interesting is that a significant quantity of
biogas with fuel potential is produced in the sludge digestion tanks and the UASBs.
Biogas exits the UASBs primarily in the gas phase. However due to the low chemical
oxygen demand (COD) of the wastewater in the UASBs (as compared to the COD of
extracted sludge), a significant quantity also exits the reactors dissolved in the liquid
phase. If allowed subsequently to desorb to the atmosphere, the fuel potential of this
biogas dissolved in the liquid phase is lost, negatively affecting the energy balance for
the entire treatment line. Meanwhile, the global warming potential of methane, the
major component of biogas, is so great (23 times that of carbon dioxide on a mass
basis [Albritton, 2001]) that even a modest release of methane to the atmosphere by
this route can seriously affect the overall greenhouse gas emissions of the treatment
1

Line. It is with this issue of methane exiting the UASBs in the liquid phase that this
thesis project is primarily concerned.

1.2 Aim
This thesis project has been carried out with two specific aims:
1. To propose and evaluate methods for recovery and neutralisation of methane from
the liquid phase for a full-scale UASB system. It is intended that proposed systems be
analysed for environmental performance and cost. It is desired that such a system
successfully neutralise at least 97% of the methane exiting the UASBs (according to
the estimate given in Appendix A) at a cost of between 0.4 and 0.8 [SEK/m3
wastewater]. It is further desired that the neutralisation process have as low a demand
of process energy as possible, and that the maximum possible economic and resource
benefit be gained from the fuel potential of the methane.
2. To develop a simple method for the direct measurement of liquid phase methane
concentration. It is intended that this method be used to measure specifically the
methane concentration of water exiting the UASBs on Line 4 of Hammarby Sjöstads
Reningsverk pilot plant. Results of these measurements are of significance for the
overall energy balance and environmental performance for the UASB system and
Line 4 as a whole. They are also used to inform the values of input parameters for
calculations carried out under the first aim of the project.

1.3 Method
To measure the methane concentration of the wastewater on Line 4 at Hammarby
Sjöstads Reningsverk pilot plant, water samples were taken in well-sealed bottles,
allowing a small headspace in each bottle. Gas chromatograph analysis was carried
out on a gas sample from the headspace of each bottle to determine the methane
concentration in the headspace. The results of this analysis were used to calculate the
original methane concentration of the liquid in the sample bottle.
Samples were collected on five separate occasions. The first three occasions yielded
unexpected results, motivating improvements to experimental procedure. Thanks to
these improvements, the final two sampling occasions showed repeatable results with
a precision that was suitable to draw significant conclusions.
Meanwhile the main focus of this thesis work has been to research techniques for
destruction of the methane dissolved in the wastewater. It is assumed that the desired
unit should be suitable for treating wastewater for a full-scale local sewage treatment
plant for 15,000 person equivalents, and a total wastewater flow rate of 130 [m3/hour]
or 36 [kg/s]. An initial literature search to discover the types of system that had been
used to solve equivalent problems was carried out. After this investigation it was
decided that a system where the methane is desorbed to an intermediate gas phase,
which is then oxidised should be the main focus of the design.
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With a focus on the desorption part of this process, a rigorous technology selection
procedure was carried out to determine the most suitable gas-liquid contacting devices
for the system. To provide a quantitative basis for this procedure, calculations were
performed to characterize the relative gas and liquid phase flow rates required to
perform the desorption, the results of which were compared to recommended
performance ranges for the devices considered.
Finally, comprehensive design, performance and cost analysis was carried out for two
main types of desorption system: packed tower cascades and bubble column cascades,
in each case desorbing methane to air at atmospheric pressure and temperature. For
each type of system, two separate cases are considered. Firstly, systems were
designed such that the methane concentration in the gas mixture exiting the desorption
systems was 0.0125 [mol fraction]. For this case, a regenerative thermal oxidiser
(RTO) was included in the system design to perform the final oxidation of the
methane. Secondly, systems were designed for desorbing methane to atmospheric air
such that the concentration of methane in the gas exiting the desorption system was at
least 0.3 [mol fraction]. In the latter systems no specific final oxidation procedure was
considered.
As dictated by the aims set out in the previous section, this analysis took into account
all costs over the lifetime of the system to make an estimate of the total cost per cubic
metre of wastewater treated. In addition estimates were made of the energy
consumption and recovery capabilities of each system, from which significant
conclusions about the environmental and energy performance of the system could be
drawn.

1.4 Readers Note
Subsequent Chapters in this report are grouped into four main sections.
The first section is comprised of Chapter 2, which gives an account of the methane
concentration measurement experiments carried out on Line 4 of Hammarby Sjöstads
Reningsverk pilot plant.
The second section is Chapters 3 and 4, which together describe the full technology
selection procedure carried out for methane neutralisation technologies.
In the third section, each of Chapters 5 through 9 give an account of the
dimensioning, costing and performance analysis is carried out for a different chosen
system configuration.
The calculation procedure used for the designs in each of Chapters 5 through 9 is
essentially the same, with changes made specific to particular system being designed,
as indicated. Therefore, Chapter 5 gives a comprehensive account of the way in which
the design calculation procedure is developed, and in subsequent Chapters it is merely
indicated where and in what ways the procedure is amended from the original
procedure developed and explained in Chapter 5.
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Finally Chapter 10 presents a discussion of the project as a whole, and Chapter 11
states overall project conclusions and recommendations for further work.
For readability, mathematical notation and argument are generally avoided in the
main body of the report, except where considered absolutely necessary for
understanding, such as in Chapter 4. Equations that are considered necessary for
explanation, particularly for the design procedures are included in the relevant
sections in the Appendices.
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CHAPTER 2: MEASUREMENT OF METHANE
CONCENTRATION IN WASTEWATER ON LINE 4 OF
HAMMARBYSJÖSTADS RENINGSVERK PILOT PLANT
2.1 Aim
It is intended to develop a method for direct measurement of liquid phase methane
concentration. This method will be used to determine methane concentrations in
wastewater downstream of the UASBs on Line 4 of Hammarby Sjöstads Reningsverk
pilot plant.

2.2 Introduction
Even assuming equilibrium partitioning of methane between gas and liquid phases for
the material exiting the UASB reactors at Line 4 of Hammarby Sjöstads Reningsverk
pilot plant, the methane dissolved in the liquid phase constitutes a significant
proportion of the total quantity evolved in the reactors. This negatively affects the
energy balance and GHG emissions of the reactors.
For the sake of simplicity previous work at Hammarby Sjöstads Reningsverk pilot
plant has assumed that the concentration of methane in wastewater exiting the UASBs
is that liquid phase concentration of methane that is in equilibrium with the known
partial pressure of methane in the headspace of the UASBs at the given system
temperature [Carlsson, 2005]. Meanwhile, [Lant, 2005] reports that liquid phase
methane concentrations exiting their UASB pilot plant facility at the University of
Queensland, Australia were significantly higher than the assumption of equilibrium
with gas phase partial pressure in the reactor suggested. These observations indicate
that, given the significance of methane in the liquid phase to the overall system a
direct measurement of liquid phase methane concentration at Hammarby Sjöstads
Reningssverk pilot plant should be carried out.
An understanding off how the methane concentration changes downstream from the
UASBs will further reveal where methane is currently desorbed from the wastewater
in the pilot plant system. Measurements are therefore carried out at several points on
Line 4. As well as for wastewater directly exiting each of the two UASBs on the Line,
measurements are performed for wastewater in the mixing tank and after the
degassing unit, both downstream from the UASBs.
The measurement procedure used is adapted from procedures described in the
literature, for example [Walsh, 1999], [Kampbell, 1998] and [Capasso, 1998] to suit
the specific circumstances of Hammarby Sjöstads Reningsverk pilot plant Line 4. As
described in detail below, it requires the collection of wastewater samples in wellsealed sample bottles, allowing for a small gas headspace at the top of the bottle. The
original liquid phase concentration of methane is calculated from the methane
concentration in the gas phase headspace of the sample bottle, known by gas
chromatograph analysis.
5

A detailed description of the experimental procedures and calculations used for the
measurements is given in Appendix B.

2.3 Theory
The theory that makes this measurement possible is the idea of the equipartition of a
gas between a liquid phase and a gas phase in a closed space.
For a closed system containing water and a gas headspace where the total pressure is
less than 5 [atm], it is accurate to say that the partial pressure of a gas species in the
headspace, say methane, is proportional to the liquid phase concentration of methane.
This is Henry’s Law, and the constant of proportionality is the Henry’s Law constant.
The Henry’s Law constant for methane is a function of temperature and is a wellknown quantity (see for example [Wilhelm, 1977]). Therefore, where the partial
pressure of methane in a given closed liquid-gas system can be measured (as is
performed in this measurement procedure), the liquid phase concentration can be
simply and accurately calculated according to this proportionality.

2.4 Experimental Methods
2.4.1 Sampling Points
Samples were taken from four locations downstream of the UASBs, as shown in
Figure 2.1. The sampling points, as shown in the Figure were:
1. UASB 1 outflow. Samples were extracted from the built-in side port of UASB 1
from the spigot at waist level leading from this port.
2. UASB 2 outflow. UASB 2 is physically the replica of UASB 1, and samples were
extracted from the same corresponding port on UASB 2.
3. Mixing tank. Samples were extracted from the second open hatch in the top of the
mixing tank, i.e. a mixture of the effluent from UASB 1 and UASB 2.
4. After the degassing unit. An open-close side-valve located immediately after the
degassing unit was used for the extraction of samples.
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Figure 2.1: Schematic of UASB system of Line 4 at Hammarby Sjöstads Reningsverk pilot plant. The
sampling points are: 1. Outflow from UASB 1; 2. Outflow from UASB 2; 3. Access hatch in mixing
tank; 4. Access point after degassing unit. The degassing unit consists of a counter-current packed
tower with a diameter of 25.4 [cm] and packed height of 37 [cm]. Packings are 75 [mm] polypropylene
Hiflow rings.

2.4.2 Sampling Procedure
Comprehensive protocols for the procedures described below are given in Appendix
B.
On each sampling occasion, from each sampling point (as described above) 6 separate
wastewater samples were collected in 6 separate previously evacuated 118 [ml]
bottles. Samples were collected using special fittings, described in Appendix B, to
prevent the sample liquid from coming into contact with atmospheric air. The total
sample liquid volume in each bottle varied slightly, but was approximately 100 [ml].
The temperature of the water at each sampling point was measured by collecting
about 300 [ml] of liquid from a given sampling point in a beaker and taking a
temperature reading immediately with a standard electronic thermometer.
After collecting all samples on the given sampling occasion, 3 bottles from each
sampling point were shaken by hand for 3 minutes, after which the total pressure in
the headspace of each bottle was measured. For each bottle so treated, a 1 [ml] sample
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of headspace gas was extracted and injected into a 28 [ml] vial containing pure
nitrogen at 1 [atm]. Finally, the volume of liquid in each sample bottle was measured.
The remaining 3 samples from each sampling point for the given sampling occasion
were stored for 24 hours at which point they are shaken on a mechanical shaker at
room temperature of 24 [oC] for 1 hour. Pressure measurement, liquid volume
measurement and headspace gas sample collection were performed for these liquid
samples in the same manner previously described.
2.4.3 Gas Chromatograph Measurements
Gas chromatograph measurements were performed on the gas samples in the 28 [ml]
vials to determine the methane concentration in the gas headspace of the 118 [ml]
sample bottles. The details of the gas chromatograph properties used in these
measurements are given in Appendix B.
2.4.4 Calculation Procedure
Assuming Henry’s Law and the ideal gas law apply, the following data, all measured
in the procedures described above, are sufficient to enable the calculation of the
original methane concentration in the wastewater samples:
1. Methane concentration in the headspace gas,
2. Total pressure in headspace gas,
3. Volume of water in sample bottle,
4. Temperature of sample bottle at the time of headspace gas sample extraction,
5. Original temperature of water sample at time of extraction.
Assuming further that the methane in the gas phase in the headspace of the UASBs
has a partial pressure of 0.8 [atm] [Carlsson, 2005] at a temperature measured by
experiment, the concentrations so calculated can be expressed as a percentage of the
saturation concentration for methane in water at these conditions.
An example of the calculation procedure used is given in Appendix B. The above
calculation procedures were performed using a simple Microsoft Excel™ template.

2.5 Results and Discussion
Results for measured liquid phase methane concentration are shown in Figures 2.2
through 2.5. The Figures show data from two separate sampling occasions. For each
sampling occasion the data is shown in one Figure as a percentage of the saturation
concentration and in the other the absolute concentration in [mol fraction] is shown.
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Figure 2.2: Measured Liquid Phase Methane Concentrations as a Percentage of the Estimated
Theoretical Saturation Concentration of Wastewater exiting UASBs for Sampling Occasion 5,
02/02/06.

200
180
160
140
120
100
80
60
40
20
0
UASB 1
OUTFLOW

UASB 2
OUTFLOW

AFTER MIXING
TANK

AFTER
DEGASSING
UNIT

Shaking 3 min #1

Shaking 3 min #2

Shaking 3 min #3

Shaking 1 hour #1

Shaking 1 hour #2

Shaking 1 hour #3

Figure 2.3: Measured Liquid Phase Methane Concentrations as a Percentage of the Estimated
Theoretical Saturation Concentration of Wastewater exiting UASBs for Sampling Occasion 4,
12/01/06.
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Figure 2.4: Measured Liquid Phase Methane Concentrations in [mol fraction] for Sampling Occasion 5,
02/02/06.
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Figure 2.5: Measured Liquid Phase Methane Concentrations in [mol fraction] for Sampling Occasion 4,
12/01/06.
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The Figures show clear differences between the concentrations at the different
sampling points. The wastewater exiting the UASBs is clearly oversaturated with
methane, while a significant quantity is desorbed already in the mixing tank, and a
certain amount more in the degassing unit. Having said that, the degree of precision of
the data is such that it is difficult to discern other trends.
Results for sampling occasion 5 suggest that the outflow from UASB 1 has a lower
liquid phase methane concentration than UASB 2, whilst the concentrations are more
or less equal in both reactors on sampling occasion 4.
Meanwhile very large variations can be observed even between measured
concentrations for the same sampling occasions for the sampling point after the
mixing tank. It is possible that this large variation is due to a real variation in the
mixing tank methane concentrations due to the fact that there is significant desorption
taking place in the mixing tank.
Finally, agreement between data for the sampling point after the degassing unit is
good considering the sampling occasions separately, however the measured
concentrations on sampling occasion 4 are roughly twice what they are for sampling
occasion 5. This may be due to a change in the rate of desorption in the mixing tank,
the degassing unit itself or both.
The data also suggest that the measurements performed by extracting gas samples
after 1 hour on the shaker (represented by the dark bars on the figures) are more
precise than those for samples where samples were shaken by hand for 3 minutes.
It is remarkable that such a significant portion of methane is desorbed from the
wastewater in the mixing tank. This may be due to the fact that the high concentration
of methane in the liquid entering the mixing tank is far from equilibrium with the air
present in the tank. It may also be due to the fact that during sample collection, the
mixing tank hatch is open to the atmosphere, and therefore that the sample collection
method itself causes an unusually large amount of methane to desorb from the
wastewater in the mixing tank.

2.6 Conclusions
An experimental method was developed that was capable of direct measurement of
liquid phase methane concentrations in wastewater.
The method was accurate to the extent that the oversaturation of methane in the liquid
phase exiting the UASBs could be discerned, corroborating the observations of [Lant,
2005].
For the two sampling occasions, the measured concentrations appeared to vary both
with UASB and sampling occasion. High concentrations of 180% (3.75x10-5 [mol
fraction]) and low concentrations of 118% (2.45x10-5 [mol fraction]) of saturation
concentrations were observed. This may be due to real concentration variations or to
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imprecision in the measurement method. Mechanical shaking of the samples for 1
hour before gas sample extraction improved the precision of measurements.
Meanwhile measurements for wastewater in the mixing tank showed concentrations
of between 25 and 70% of the estimated saturation concentration and after the
degassing unit of between 16 and 45% of estimated saturation concentration.
Comparison of the data with gas flow data from the reactors will be valuable to
determine the energy balance for the UASBs at Hammarby Sjöstads Reningsverk
pilot plant. Meanwhile practical experiments with the mixing tank and degassing unit
on the pilot plant will reveal the means by which desorption takes place in these parts
of the system.
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CHAPTER 3: TECHNOLOGY SELECTION
3.1 Aim
It is intended to determine types of system that, according to the literature, are
suitable for performing the required methane neutralisation for methane dissolved in
wastewater exiting the UASBs at the proposed full-scale wastewater treatment plant
at Hammarby Sjöstad. The outcome of this research together with the results of the
pre-study in Chapter 4 will be used to determine the types of system for which a full
design procedure will be carried out.

3.2 Introduction
To achieve the goal of preventing the release of methane dissolved in wastewater
exiting UASBs to the atmosphere, it is necessary to oxidise methane to carbon
dioxide and water:
CH 4 + 2 ⋅ O2 → 2 ⋅ H 2O + CO2

€

…Eq. 3.1

In the current situation where methane exists in the wastewater as a dissolved gas,
methods for achieving this can be clearly divided into two categories: Firstly, in situ
oxidation, where the methane is oxidised whilst still physically present in the liquid
phase. Secondly, there are systems that require desorption of methane to an
intermediate gas phase, followed by oxidation in the gas phase.
UV oxidation is a technology that can be used to perform in situ oxidation of water
contaminants, such as volatile organic compounds (VOCs). The water in question is
dosed with an appropriate quantity of a substance that can act as an oxygen donor,
such as hydrogen peroxide or ozone. Simultaneously, the water is exposed to
radiation in the UV spectrum that causes an oxidising reaction between the oxygen
donor substance and the original contaminant. Experiments with such systems for
VOC oxidation applications are described for example in [Hernandez, 2002]. Though
a promising technology, further work is required before it reaches a commercial stage.
Another option in the in situ category is to use the methane in the liquid phase as a
carbon source in a biological denitrification reaction [Thalasso, 1997]:
5 ⋅ CH 4 + 8 ⋅ NO3− → 4 ⋅ N 2 + 8 ⋅ OH − + 6 ⋅ H 2O + 5 ⋅ CO2

…Eq. 3.2
€

This option is of great interest because it makes use of the significant synergy
between the requirement for denitrification and the production of methane on Line 4
at Hammarby Sjöstads Reningsverk pilot plant, yielding a high resource use
efficiency. Such processes are far from commercial and are the subject of ongoing
research at the pilot plant. In this thesis project this method for methane oxidation will
not be studied.
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It was decided in light of the available literature that a system involving desorption of
methane to an intermediate gas phase for subsequent oxidation should be concentrated
upon. A simple schematic for such a desorption system is shown in Figure 3.1. Liquid
flowing out of the UASB reactors is fed into the desorption unit at the same time as a
gas (often atmospheric air) is fed into the unit. The methane that is initially in the
liquid phase desorbs to this gas that is fed into the unit. The liquid phase leaves the
unit (at the bottom of the Figure) with a lower methane concentration than when it
entered and the gas phase leaves the desorption unit with a higher concentration of
methane than when it entered. Upon leaving the desorption unit the gas flows into
some kind of oxidation unit where it is oxidised. Air may or may not be added for the
combustion depending on the methane concentrations in the gas phase exiting the
desorption unit. Figure 3.1 also shows different types of unit that are available for
desorption and oxidation respectively. With emphasis on the desorption units, these
technologies will be considered in detail in the following sections.

Figure 3.1: Schematic of General Desorption/Oxidation System

3.3 Desorption Unit Evaluation
Based on the literature search, four different types of desorption unit are given
particular attention. The units are described and compared to inform which type of
unit would be best suited for the current problem
Orders of magnitude for mass transfer parameters for each the types of desorption unit
considered are given in Table 3.1. Gas and liquid hold-up represent the proportion of
the total reactor volume that is occupied by the gas and liquid phases respectively.
They can be interpreted as indicators of the residence times of the phases in the given
unit. In the case of methane, the limiting process for the desorption is the diffusion of
methane through the liquid phase, so a device with a high liquid phase hold-up is
preferred.
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Meanwhile the liquid and gas phase individual mass transfer coefficients indicate the
rate at which matter is transferred away from the phase boundary in each phase
respectively. Finally, the interfacial area for mass transfer is the approximate
interfacial area between the phases per unit volume of reactor.
In addition to those parameters shown in Table 3.1, different types of unit have
different ranges of gas and liquid fluxes for optimum operation. Since the diameters
of units can be changed almost arbitrarily, the parameter that is often used to describe
this range is a volumetric ratio of the flow rates. These properties and others are
discussed below for each of the types of unit considered.
Table 3.1: Orders of Magnitude for Mass Transfer Properties of Desorption Units [Trambouze, 1988]

Liquid
Hold-up
[-]

Gas
Hold-up
[-]

2-30

Individual Gas
Phase Mass
Transfer
Coefficient
[m/s]
1x10-2 – 5x10-2

Individual
Liquid Phase
Mass Transfer
Coefficient
[m/s]
1x10-4 - 5x10-4

Interfacial
Area for
Mass
Transfer
[m2/m3]
100-500

Bubble
Column

>70

Plate
Tower

60-80

20-40

1x10-2 – 5x10-2

1x10-4 – 6x10-4

200-500

Packed
Tower

5-15

50-80

1x10-2 – 5x10-2

5x10-5 – 3x10-4

50-250

Spray
Tower

Not
given

Not
given

1x10-2 –
2.5x10-2

1x10-4-3.0x10-4

30-70

3.3.1 Packed Tower
Packed towers are the devices most commonly cited in the literature for desorption of
VOCs from water, for example [Okoniewski, 1992], [Nelson, 1997] and [Stallings,
1985]. They represent a well-established, cost-effective and energy-efficient option
for this application suggesting that they may be an interesting option for the current
problem.
Correlations have been derived for mass transfer coefficients and other important
parameters in a packed tower so that a theoretical design process is capable of
determining system dimensions to within ±30% of the real values [Trambouze, 1988].
Figure 3.3 shows a typical packed tower, consisting of a cylindrical shell filled with
packing. The packing is the key to the operation of the packed tower as it provides
geometrical support for the liquid to flow over to generate interfacial area for mass
transfer between the phases. Packed towers used for desorption of VOCs are generally
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filled with random (dumped) packing, so called because it consists of separate units
that are dumped into the tower at random. An example of random packing is shown in
Figure 3.2. Under standard operating conditions, packed towers can be assumed to
operate in perfect counter-current plug flow (as shown in Figure 3.3).

Figure 3.2: Example of Random Packing Units: 75 [mm] Plastic Hiflow Rings

Pressure drop for the gas phase in a packed tower is caused by resistance to gas flow
due to the packing and liquid covering the packing, and is typically 400 [Pa/m packed
height] [Koch, 2005]. Compared with the bubble column and plate tower, pressure
drop is considered to be lower in packed towers. This is another reason why packed
towers are preferred energy-efficient alternatives for VOC stripping applications
[Okoniewski, 1992]. Energy is also required to pump liquid to the top of the tower.
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Figure 3.3: Schematic of a Typical Random Packed Tower.

For a given liquid flux in a packed tower, the gas flux must not be so high that it
causes flooding – the phenomenon where momentum exchange from the gas to the
liquid phase is so high that liquid is prevented from flowing downward, causing
packing interstices to fill with liquid.
For the same liquid flux, most texts, for example [Coulson, 1996], [McCabe, 2005],
[Treybal, 1980] and [Trambouze, 1988] recommend that gas flux is meanwhile high
enough so that momentum exchange causes some degree of retardation to the liquid
flowing down the tower. This is recommended because it increases liquid hold-up in
the tower, improving mass transfer. Having said that, a packed tower will essentially
continue to be operable for very low gas flow rates. [Watten, 1989] describes a set up
used for oxygen desorption with very low gas flow rates, and though mass transfer
efficiency is reduced in this case due to the high degree of backmixing in the gas
phase, the tower remains nonetheless entirely functional from a hydrodynamic point
of view.
Conversely, for a given gas flux, liquid flux must be high enough to ensure that the
surface area of the packing is wetted sufficiently to provide a large surface are for
mass transfer.
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In the review of packed tower VOC desorption experiments carried out by
[Staudinger, 1990], gas to liquid volumetric flow ratios of between 440 [-] and 8 [-]
were recorded. On a more general level, packed towers are normally considered better
suited to low values of gas to liquid volumetric flow ratios, compared to plate towers,
that are more suited to high values of this parameter [Treybal, 1980].
3.3.2 Bubble Column
Though less widely used than the packed tower for desorption applications,
[Robinson, 1999] describes a bubble column cross flow cascade designed specifically
for the purpose of desorbing methane from landfill leachate water to air. The system
was first tested on a pilot scale and has subsequently been scaled up for commercial
installations treating up to 40 [m3 leachate/hour]. Due to the cross-flow design the
concentration of methane in exiting air is only a few tenths of a percent. Images of the
pilot and full-scale plants are shown in Appendix C.
Correlations have been derived for important parameters for bubble columns.
However, it is not considered that these correlations are of sufficient accuracy to yield
results that could be considered anything more than approximations [Trambouze,
1999]. This is due to the fact that the simple construction of the bubble column means
that mass transfer is, to a much larger extent than for the packed tower, dependant on
the interfacial behaviour of the liquid and gas. This behaviour is very difficult to
describe mathematically.
Figure 3.4 shows a simple bubble column, consisting of a vessel containing a
continuous liquid phase, into which stream of gas is introduced at the bottom via a
sparger. Because of the continuous liquid phase, mixing in the liquid phase occurs to
a large degree, and may often be considered complete [Treybal, 1980]. This reduces
the mass transfer efficiency of bubble columns, and is notably detrimental to
performance when low exiting liquid phase concentrations are required. Having said
that, refinements on the basic design can be made to reduce this phenomenon, such as
introducing plate partitions or operating a sequence of bubble columns in a cascade
arrangement, as described in [Robinson, 1999].
Pressure drop in the gas phase in a bubble column occurs due to the hydrostatic head
of liquid in the vessel above the sparger, about 10 [kPa/m liquid height] for water. As
shown in the Figure, however, the high liquid phase mixing for a simple bubble
column means that it is not necessary to take liquid out at the bottom of the column.
Therefore a system can be envisaged where the energy requirement of moving water
for a bubble column is essentially nil.
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Figure 3.4: Schematic of a Simple Bubble Column.

Less consideration is given in the literature to appropriate flux rates of each of the
phases for a bubble column. [Trambouze, 1988] suggests that an upper limit of 0.5
[m/s] for gas phase superficial velocity (the velocity of the gas phase in the column
assuming an otherwise empty column), since above this rate foaming may occur. The
same author recommends a lower limit of about 0.01 [m/s] for the gas phase
superficial velocity. However, since in a bubble column the interfacial area for mass
transfer depends on the number and size of bubbles, a change in the gas phase flow
rate will significantly affect the mass transfer. This consideration may therefore be the
limiting consideration for gas flow rate in the case of bubble column design. No
recommendations were found in the literature for liquid rate through a bubble column.
3.3.3 Plate Tower
Plate towers are often considered alternatives to packed towers as gas-liquid
contacting devices. They are widely used in petrochemical processes, in particular for
distillation, but can be applied for any mass transfer problem.
Though correlations exist to predict mass transfer coefficients and other important
parameters for plate towers, they are not considered accurate, so tower dimensions
determined by calculations can only be considered approximations to real dimensions.
As with the bubble column this is because mass transfer in plate towers is also
dependant on interfacial properties of the phases, which are difficult to predict
mathematically.
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Figure 3.5 shows a typical plate tower. It consists of a cylindrical tower where gas and
liquid are contacted on a series of horizontal plates, at equal heights going up the
tower. Liquid enters the tower from the top and gas from the bottom. A certain level
of liquid is maintained on each plate by the weir as shown in the Figure. Meanwhile
multiple orifices on each plate allow gas to flow upward through the liquid, achieving
phase contact. Many different types of plate orifice have been developed. A good
overview of some of the types is given in [Coulson, 1980].

gas out
liquid in

weir

plate
downcomer

gas in

liquid out

Figure 3.5: Schematic of Typical Plate Tower.

The liquid phase on each plate is considered fully mixed so plate towers operate in a
counter-current stagewise configuration, analogous to a counter-current cascade. This
enables high mass transfer rates, as with the counter-current configuration for the
packed tower. Indeed, it is considered an advantage of the plate tower that when
operating correctly it largely prevents backmixing of either of the phases between
plates more than any other type of desorption unit.
Pressure drop in the gas phase of a plate tower occurs due to the hydrostatic head of
liquid on each plate, and is therefore generally greater for plate towers than for packed
towers and contributes to a higher energy use.
Perhaps more than any of the other type of unit considered, operation of the plate
tower depends on appropriate ratios of gas to liquid flow. [Treybal, 1980] gives the
range of gas to liquid flow ratios suitable for plate tower operation qualitatively in the
form in a graph that is reproduced in Figure 3.6.
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The shaded area in the middle of the Figure represents the region where suitable
hydrodynamic conditions are obtained. The names for the effects occurring when a
plate tower operates outside this region are shown in their appropriate locations on the
Figure.
flooding

liquid
flow
rate

weeping

satisfactory
operation

dumping

priming

entrainment
coning

gas flow rate

Figure B6: Qualitative presentation of satisfactory operating conditions for a plate tower [Treybal,
1980]

If the gas flux is too low for the tower design, “weeping” occurs, where rather than
flowing down from one plate to the next via the weir, liquid flows downward via the
orifices intended for gas flow. In a severe case, “dumping” may even occur, where
weeping is so pronounced that all the liquid from a given plate flows to the one below
via the plate orifices. In contrast to this situation in a packed tower, where the unit
was still essentially functional for lower gas fluxes, the plate tower becomes
fundamentally inoperable under conditions of low gas flux.
Meanwhile, if the gas phase flux through the tower is too high, it may carry a large
proportion of the liquid flow with it through plate orifices to the plate above. This is
called “entrainment”, and will always happen to a certain extent, though there is a
level at which the amount of entrainment seriously compromised the mass transfer
capability of the tower.
On the other hand, if the liquid flux through the tower is too low, gas may be able to
rise through the plate orifices without specifically bubbling through the liquid. This
phenomenon is called “coning”.
Where the liquid phase flux is too high, flooding occurs. In a plate tower this is
manifested by the build-up of liquid in the downcomer spout to a given plate to the
extent that the liquid level reaches the plate above. As a numerical limit for the liquid
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flow rate, [Treybal, 1980] states that a well-designed plate should be able to handle up
to 0.015 [m3/s] per metre of tower diameter.
Meanwhile, the phenomenon of “priming” occurs when a certain gas-liquid
combination is present such that a high gas rate may cause the liquid to foam to such
an extent that foam fills the space between the plates, leading to liquid being carried
back to the tray above by the gas phase.
Finally, it is remembered that in general plate towers tend to be suited to processes
where the volumetric ratio between gas and liquid flow rates is high, as compared to
packed towers where the opposite tends to be true.
3.3.4 Spray Tower
The final unit considered is a spray tower. The literature did not give correlations for
mass transfer coefficients more precise than the values quoted in Table 3.1, therefore
confining theoretical design to very simple order of magnitude estimates.
Figure 3.7 shows a spray tower system, consisting of a large vessel at the top of which
liquid is introduced in a fine spray. Meanwhile, gas is introduced at the bottom of the
chamber and exits at the top of the chamber after passing through a demister to
remove liquid entrained by the upflowing gas.
In a spray tower, the gas phase is often backmixed to a great extent, therefore
reducing the rate of mass transfer. Combined with the tendency of water droplets in
the tower to coalesce in flight, reducing interfacial area for mass transfer between the
phases, the overall mass transfer performance of spray towers is considered poor.
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Figure 3.7: Schematic of Typical Spray Tower.

Pressure drop experienced by the gas phase in a spray tower is lower than that even
for a packed tower due to the absence of obstacles to gas movement in the tower.
Energy is however required to raise the liquid to the distributor height, and to
overcome the pressure drop in the distributor orifices. This last energy requirement is
often significant. Due to the occurrence of droplet coalescence reducing mass transfer,
this is not considered to constitute an efficient use of energy.
Gas and liquid phase fluxes are not limited in the spray tower as they are in plate and
packed towers. In general, however, the system is not suited for high liquid flows due
to the large energy requirement of expelling liquid from the distributor, and the large
tower diameter required due to difficulty in controlling the spray of liquid.

3.3.5 Summary
Table 3.2 summarizes the discussion of different types of desorption unit given in this
Chapter. The observations made in the Table are considered to apply for general
desorption processes. They are not considered conclusive in themselves, but rather
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will be used along with the results generated by calculation in Chapter 4 to propose
systems for final detailed design calculations.
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Table 3.2: Comparison of Types of Desorption Unit.

Packed Tower

Mass
Transfer
Parameters (as given in
Table 3.1)
• Mass transfer
coefficients lower than
those for bubble column
and plate tower.
•

Low liquid hold-up.

• Possibility for countercurrent flow.

Bubble Column

Energy Use

Flow Rate Ratio

Accuracy of Correlations

• Low energy use due to • Limited for high flows • Correlations accurate to
low gas phase pressure of either phase by flooding ±30 [%].
drop.
possibility.
• Capable of operating
with low gas phase flow
rates, though possibility of
backmixing.

• Volumetric gas/liquid
flow ratio of between 440
and 8.
• High mass transfer
• High energy use due to • High liquid flow rate • Correlations exist but
coefficients.
hydrostatic head.
capacity.
are only approximate, order
of magnitude.
• High liquid hold-up.
• Gas flow rates of up to
0.5 [m/s] superficial
• High liquid phase
velocity possible.
backmixing – bad for
situation where low
concentration required in
exiting liquid.
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Table 3.2 Continued

Plate Tower

Spray Tower
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Mass
T r a n s f e r Energy Use
Flow Rate Ratio
Parameters (as given in
Table 3.1)
• High mass transfer
• High energy use due to • Better suited for high
coefficients.
hydrostatic head on plates. values of gas to liquid
volumetric flow ratio.
• High liquid hold-up.
• Not able to function for
low gas phase flows
because of weeping and
dumping.

Accuracy of Correlations

• Correlations exist but
are only approximate, order
of magnitude.

• Low mass transfer • High energy use to • Limited to low liquid • O n l y
order
of
coefficients and low liquid pressure drop over liquid flow rates due to high magnitude estimates of
phase hold up.
orifices.
energy requirement of important parameters.
breaking liquid into spray.
• High backmixing in gas
phase.

3.4 Oxidation Systems
A range of oxidation systems are mentioned in Figure 3.1. Systems can be separated
into two distinct categories: those that require a high concentration of flammable
components in the incoming gas stream and those that can oxidise gas streams with
only low concentrations of flammable components.
For reasons that are made clear in subsequent Chapters, the device chosen for
oxidation in these design procedures is the regenerative thermal oxidiser (RTO),
otherwise a specific oxidation device is not proposed. RTOs are part of a family of
combustion devices used for oxidation of gas streams with low concentrations of
flammable components.
Figure 3.8 shows a schematic representation of the operation of an RTO. Physically,
the RTO consists of a combustion chamber either side of which is a ceramic heat
exchanger. The gas stream to be oxidised passes through the system in one direction
(as shown in upper diagram of the Figure) and then the other (shown in the lower part
of the Figure), with a time period of about 30 [s] between the changes in gas flow
direction. Operating in this way allows for energy from the hot gas stream exiting the
combustion chamber to be stored in one of the heat exchangers. This energy is then
used when the gas flow is reversed to raise the temperature of the now incoming gas
stream before it enters the combustion chamber.
Though initially expensive, a significant advantage of RTOs is that they are very
energy efficient. The regenerative system of heat exchange allows for a heat exchange
efficiency of up to 95 %. This means that apart from at start-up, the system does not
require input of heat from auxiliary burners or coils. For a particular type of RTO, the
VOCsidiserTM manufactured by MEGTEC AB it is claimed that self-sustaining steady
state operation can be achieved with 0.7 to 0.2 [g/Nm3] [MEGTEC, 2006]. For
methane in air this corresponds to a concentration of approximately 0.001 to 0.003
[mol fraction].
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Figure 3.8: Typical steady-state operation of RTO. In operation the system is designed to oscillate
between the “forward” and “backward” configuration with a time period of approximately 30 [s].
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CHAPTER 4: PRE-STUDY: CALCULATION OF THEORETICAL
MINIMUM GAS PHASE FLOWS AND MAXIMUM GAS PHASE
METHANE CONCENTRATIONS
4.1 Aim
It is intended to calculate theoretical gas flow requirements for a general methane
desorption unit for wastewater exiting UASBs in a full-scale local wastewater
treatment plant at Hammarby Sjöstad. The results of the study will be used to
determine the selection of appropriate desorption units from those considered in
Chapter 3.

4.2 Introduction
All the calculations for required gas phase flow rates and corresponding exiting gas
phase methane concentrations use a simple mass balance for methane over the inputs
and outputs of a general counter-current desorption unit. Together with either one of
two other system constraints, the values of these parameters can thereby be calculated
from the known values for the liquid phase flow rate, incoming liquid and gas phase
methane concentrations and desired exiting liquid phase methane concentration.
This a simple procedure that evaluates theoretical gas phase flow rates, and is a very
useful way of characterising the magnitude the gas phase flow rate for real
desorptions. The results of these calculations give values for the gas to liquid flow
ratio required for the methane desorption problem at hand. These values be compared
to the flow relations that are recommended for the different types of desorption unit
discussed in Chapter 3 and determine which types are most suitable for a full system
design procedure.
Each of the extra system constraints used in the calculations in this Chapter are
described briefly below:
On the one hand, the values of the gas phase flow rates and corresponding exiting gas
phase methane concentrations are ultimately constrained by the relations for
equilibrium partitioning of methane between the liquid and gas phase. This condition
places an ultimate upper limit on the exiting gas phase methane concentration and
ultimate lower limit on required gas phase flow for a single general desorption unit
where inlet and outlet conditions of the liquid and gas are otherwise specified.
Secondly, the methane concentration may be constrained by safety requirements. In
this case, it is required that the methane concentration in the gas phase exiting the unit
be greater than or less than the upper or lower explosion limits for methane in air
(assuming that air is the gas used for desorption), with certain safety factors taken into
account. Explosion limits for methane in air are discussed more fully in Appendix D.
The calculations are performed using the methods described below.
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4.3 Method
4.3.1. Independent Variables
Table 4.1 shows the values for independent variables that are used for all the
calculations in this Chapter. The Henry’s Law constant shown describes the
equilibrium partitioning of methane between water and a gas phase. Meanwhile it is
assumed that the system will operate at atmospheric pressure, and that pure air at 10
[oC] is used as the gas phase to which the methane is desorbed. Other data in the
Table are based on the performance requirements established in Chapter 1. Note that
liquid phase concentrations are expressed in units of [mol fraction] whilst gas phase
concentrations are expressed in [mol ratio]. Using these units simplifies calculations.
Table 4.1: Independent Variables used in Calculations for Minimum Gas Phase Flow Rates

Parameter
Henry’s law constant for
methane and water
system
System pressure

Symbol Value

Comment

HCH4 3.0x106 [kPa/mol Calculated for system
fraction]
temperature 10 [oC] from
[Perrys, 1997]
P 101.325 [kPa]
Atmospheric pressure

System temperature

T

10 [oC]

Assumption

Liquid phase flow rate

Gx

36.1 [kg/s]

Liquid phase methane
concentration entering
desorption unit
Liquid phase methane
concentration exiting
desorption unit
Gas phase methane
concentration entering
packed tower

xa

3.192x10-5
[mol fraction]

xb

6.38x10-7
[mol fraction]

Yb

0 [mol ratio]

Estimated flow for full-sized
local treatment plant, 15,000
person equivalents [Hellström,
2005]
150% saturated (based on
concentration measurements
from Chapter 2)
Concentration such that 97% of
methane entering the system is
destroyed
Assumed pure air

The data in this table are sufficient for calculating the theoretical minimum gas phase
flow requirements and corresponding theoretical maximum exiting gas phase methane
concentration, as limited by the equilibrium partitioning of methane between water
and a gas phase.
To calculate values for gas phase flow and exiting gas phase methane concentration
using the safety requirements for the system described in Section 4.2, the parameters
shown in Table 4.2 are further required.
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Table 4.2: Explosion Limits for Methane in Air and corresponding Safe Methane Concentrations for
Exiting Gas Phase

Parameter

Value

Comment

Lower Explosion Limit (LEL) 0.05 [mol fraction]
for Methane in Air

[Engineering Toolbox, 2005]

Upper Explosion Limit (UEL) 0.15 [mol fraction]
for Methane in Air

[Engineering Toolbox, 2005]

Safe Methane Concentration 0.0125 [mol fraction] Safety factor of 4 below LEL
Below LEL
[van der Vaart, 1991]
Safe Methane Concentration 0.3 [mol fraction]
Above UEL

Safety factor of 2 above UEL

Finally, it is assumed that methane is the only species present in the entire system that
can change phase. Therefore it is assumed that no other substances may be desorbed
from the liquid phase, and that the air used for the gas phase is inert. “Inert” used in
this context indicates simply that it may not be desorbed.

4.3.2 Calculation Method
Calculations are performed initially for a general desorption unit in counter-current
flow configuration, shown in Figure 4.1. The mass balance for such a system is
expressed as follows:

Gx,mol
Y −Y
= a b
Gy,inert,mol x a − x b

€

Eq. 4.1

where Gx,mol and Gy,inert,mol are the molar flow rates of liquid and inert gas in [mol/s]
respectively, x and Y represent liquid and gas phase concentrations in [mol fraction]
and [mol ratio] respectively and the subscripts a and b designate concentrations at the
top and bottom of the desorption unit respectively.
According to the variables designated as independent in the previous section, the two
unknowns in equation 4.1 are Gy,inert,mol and Ya. The two system constraints discussed
in the introduction each contribute a second equation so that these variables can be
determined.
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Gx,mol ; xa

Gy,inert,mol ; Ya

Gx,mol ; xb

Gy,inert,mol ; Yb

Figure 4.1: Schematic of General Desorption Unit in Counter-current Configuration

According to the first system constraint, the desorption is constrained by the
equilibrium partitioning of methane between the gas and liquid phase. The operating
line for a counter-current desorption so constrained is shown in Figure 4.2 on an
equilibrium line diagram (a good explanation of operating line/equilibrium line
diagrams is given in [McCabe, 2005]). The constraint is expressed by the fact that
operating line for the system in this Figure at one point is incident on and tangential to
the equilibrium line. This is the point designated by the coordinates (xint,Yint). For the
desorption of methane, the equation for the equilibrium line is described by Henry’s
Law:
Y=

€

HCH 4 x
P − HCH 4 x

Eq. 4.2

The appearance of which is due to the use of units of [mol ratio] for the gas phase
concentration and [mol fraction] for the liquid phase concentration respectively.
Meanwhile xb and Yb are given values as independent variables in the previous
section. Consideration of equality of the functions and equality of the derivatives of
the functions describing the equilibrium line and the operating line respectively at
point (xint,Yint) yields an equation set that can be solved for (xint,Yint). Knowing
(xint,Yint) , (xb ,Yb) and xa , it is trivial to determine Ya. Gy,inert,mol can then be found
using equation 4.1.
Using the safety requirements as the second system constraint instead, the value of Ya
in equation 4.1 is simply set to either of the safe methane concentrations given in
Table 4.2, and Gy,inert,mol can be found immediately by this equation.
For the values of independent variables given in Section 4.3.1, performing this
calculation for the safe concentration below the lower explosion limit for methane
gives a good estimate of the gas phase flow requirement in the case where either of
the phases in the desorption unit is fully mixed while the other phase is assumed to
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move in plug flow configuration. The significance of this is discussed in the Section
4.4.
Finally, knowing Gy,inert,mol and Ya it is trivial to determine the total gas flow Gy,mol at
the exit of the desorption unit.

Figure 4.2: Operating Line for General Counter-current Desorption on Equilibrium Line Diagram

4.4 Results and Discussion
Figure 4.3 shows the operating line for the desorption to achieve minimum gas phase
flow calculated for the values of independent variables given in Table 4.1.
Table 4.3: Data for Desorption to achieve theoretical Minimum Gas Phase Flow

Exiting Gas Phase Methane Concentration
Molar Inert Gas Flow Rate
Molar Total Gas Flow Rate at Top of Unit
Volumetric Total Gas Flow
Volumetric Flow Ratio, Gas/Liquid

0.56 [mol fraction]
0.050 [mol/s]
0.113 [mol/s]
2x10-3 [Nm3/s]
7x10-2 [-]
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The volumetric flow ratio for this desorption is shown with other parameters in Table
4.3. This value of this ratio is very low compared to typical values for this parameter
for any type of desorption unit for which counter-current flow is a reasonable
assumption. The low ratio occurs because methane is essentially a very insoluble gas
(compared to carbon dioxide and common VOCs for example). [Watten, 1989]
performed experiments in packed towers with values of gas to liquid volumetric flow
ratio between 8x10-2 [-] and 8x10-3 [-], concluding that over this range of values,
backmixing in the gas phase was so great that the gas phase was essentially fully
mixed over the entire height of the column. According to these observations, a packed
tower desorbing to an exiting gas phase methane concentration shown in Table 4.3
would not be able to achieve the exiting liquid phase methane concentration required
by the system because of the effect of gas phase backmixing.

2
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Figure 4.3: Equilibrium Line Diagram Showing Operating Line for Minimum Gas Phase Flow and
Maximum Exiting Gas Phase Methane Concentration.

Indeed, as discussed in Chapter 3, of the types of desorption unit where countercurrent flow is considered a reasonable assumption, packed towers are considered the
type best able to operate under conditions of low gas to liquid volumetric ratio
[Trambouze, 1988], [Treybal, 1980]. The desorption shown in Figure 4.3 is actually
impossible to perform in a plate tower, because weeping and even dumping would
make it impossible to operate the tower in the way it is designed.
Figure 4.4 meanwhile shows the operating line for the counter-current desorption of
methane to an exiting gas phase methane concentration of one quarter of its lower
explosion limit in air, 0.0125 [mol fraction]. This operating line has a significantly
lower gradient than that shown in Figure 4.3, due to the low methane concentration
required in the exiting gas phase. As shown in Table 4.4, the corresponding gas to
liquid volumetric ratio is significantly higher than that for the previous desorption
with a value of 3.11 [-]. This is still a very low value for this parameter, lower than
the lowest value considered in [Staudinger, 1990] of 8 [-], though significantly higher
than the values quoted by [Watten, 1989]. It is still far lower than the general value
for this ratio for VOC stripping quoted in [Nirmalakhandan, 1988] of 50 [-]. Given
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the low value of this ratio, the discussion and comparison of packed towers and plate
towers in Chapter 3 suggests that a packed tower system is still more suited for this
desorption.
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Figure 4.4: Equilibrium Line Diagram Showing Operating Line for Counter-current Desorption to
Concentration of One Quarter of Lower Explosion Limit of Methane in Air.

It is trivial to conclude from this that for a desorption to an outgoing gas phase
methane concentration of twice the upper explosion limit, the flow rates of gas are so
low that a plate tower would be inoperable and the gas phase in a packed tower for
such a desorption would be fully mixed according to the analysis of [Watten, 1989],
and therefore incapable of reaching the required exiting liquid phase methane
concentration.
Having said that, there is a lack of data in the literature for packed towers operating
with values of gas to liquid volumetric flow ratio as shown in Table 4.4. It is
uncertain whether or not backmixing in the gas phase will be significant in these
instances. Given the fact that it is not justified in the literature, it seems unwise to
consider counter-current flow a realistic assumption for packed tower operation in this
realm either. In the absence of data showing otherwise, for the case of a packed tower
operating to an exiting gas phase methane concentration of 0.0125 [mol fraction] for
the desorption at hand, and to err on the side of caution, the gas phase should be
assumed fully mixed.
Table 4.4: Data for Desorption Counter-current Desorption to Concentration of One Quarter of Lower
Explosion Limit of Methane in Air

Exiting Gas Phase Methane Concentration
Molar Inert Gas Flow Rate
Molar Total Gas Flow Rate at Top of Unit
Volumetric Total Gas Flow
Volumetric Flow Ratio, Gas/Liquid

0.0125 [mol fraction]
4.95 [mol/s]
5.01 [mol/s]
0.112 [Nm3/s]
3.11 [-]

Having said that, the relative insolubility of methane in water means that it is possible
to construct a single general desorption unit desorbing to an outgoing methane
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concentration of one quarter of the lower explosion limit for methane in air even if it
is assumed that the gas phase in the unit is fully mixed and the liquid phase moves in
plug flow. The operating line for such a process is shown in Figure 4.5 (the y-axis
scale is changed from previous plots). That the gas phase is completely mixed is
indicated by the fact that the operating line for the desorption is horizontal. Since the
values of independent variables assumed for this desorption are the same as that
assumed for the equivalent counter-current process, the volumetric gas to liquid flow
ratio is the same as that given in Table 4.4.
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Figure 4.5: Equilibrium Line Diagram Showing Operating Line for Desorption to Concentration of One
Quarter of Lower Explosion Limit of Methane in Air, assuming Fully Mixed Gas Phase.
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Figure 4.6: Schematic of General Counter-current Desorption Cascade where it is assumed the Gas
Phase is Fully Mixed in each Separate Subunit.

Meanwhile, the problems posed of large-scale backmixing in the gas phase may also
be addressed by operating a cascade of desorption units in counter-current
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configuration, as shown in Figure 4.6. The cascade configuration means that each
separate subunit in the system can operate at a different gas phase concentration than
the others. It is possible therefore to achieve both low exiting liquid phase methane
concentrations and high outgoing gas phase concentrations from the cascade. The
operating lines for a five stage counter-current desorption cascade with an outgoing
gas phase concentration of just over twice the upper explosion limit for methane and
assuming a fully mixed gas phase and plug flow in the liquid phase for each subunit
are shown on Figure 4.7.
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Figure 4.7: Operating Lines for Cascade Subunits in a Counter-current Desorption Cascade Assuming
Fully Mixed Gas Phase in each Subunit. Desorbing to an Exiting Liquid Phase Methane Concentration
of 0.5 [mol fraction].

Otherwise at a disadvantage to systems where strict counter-current flow can be
assumed, bubble columns can also be operated in a cascade in basically the same way.
The difference being that for a single bubble column it is the liquid phase that is
assumed fully mixed, whilst it is reasonable to assume that the gas phase moves in
plug flow. Operating lines for a five-stage counter-current bubble column cascade are
shown in Figure 4.8.
The sloping dashed line in each Figure is the operating line that describes a (purely
theoretical) desorption process with the same overall incoming and exiting phase
concentrations as for the entire cascades, but carried out in a single unit and assuming
strict counter-current flow in both phases.
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Figure 4.8: Operating Lines for Cascade Subunits in a Counter-current Desorption Cascade Assuming
Fully Mixed Liquid Phase in each Subunit. Desorbing to an Outflow Methane Concentration of 0.5
[mol fraction].

4.5 Conclusions
The theoretical minimum gas to liquid volumetric flow ratio for a general countercurrent desorption according to the design specifications required for wastewater
exiting the UASBs at the proposed full-scale wastewater treatment plant at
Hammarby Sjöstad is 7x10-2 [-], approximately 700 times lower than standard values
of this parameter for packed towers. This is due to the relative insolubility of methane
compared to other substances that are desorbed in packed towers.
Backmixing in the gas phase for the value of gas to liquid volumetric flow ratio
calculated means that it is hydrodynamically impossible to perform a desorption with
strict counter-current flow in a single packed tower unit. It is impossible for a plate
tower to function in the required manner with the calculated phase flows.
The gas to liquid volumetric flow ratio calculated for desorption to a methane
concentration of one quarter of methane’s lower explosion limit in air is 3.11 [-]. This
is still below the normally quoted values of this ratio for a packed tower. The value of
this ratio is still too low to allow a plate tower to function.
In the absence of data, and erring on the side of caution, it is assumed that the gas
phase in a packed tower at this value of the gas to liquid volumetric flow ratio is fully
mixed.
On the basis of this conclusion, a packed tower cascade is considered an appropriate
system to apply to the methane desorption problem for wastewater exiting UASBs at
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the proposed full-scale wastewater treatment plant at Hammarby Sjöstad.
Furthermore, since the analysis has shown that strict counter-current flow in a single
unit is not possible, this makes desorption in a cascade of bubble columns (where it is
assumed the liquid phase is fully mixed in each subunit) another appropriate system
for performing the required desorption.

4.6 Systems Chosen for Full Design Procedure
Considering the information in Chapters 3 and 4, the following systems are proposed
for which a full design procedure will be developed (“weak” refers to desorption to a
low gas phase methane concentration and “rich” refers to desorption to a high gas
phase methane concentration):
1. Weak packed tower cascade: In this system it is aimed to desorb to an outgoing
gas phase methane concentration of one quarter of the lower explosion limit for
methane in air. As shown in Section 4.4 above, it is possible to perform this
desorption with a single packed tower unit (i.e. a single unit cascade). To oxidise the
low concentration gas stream produced by this system an RTO is used.
2. Weak bubble column cascade: As 1. above, but using a bubble column instead of
a packed tower as the desorption unit.
3. Rich packed tower cascade: As for 1. above, but assuming desorption to a
methane concentration of at least twice the upper explosion limit for methane in air.
No RTO is required for oxidation of the gas stream.
4. Rich bubble column cascade: As for 3. above, but using bubble column subunits
for desorption.
As indicated in Table 3.2, correlations for packed tower performance are wellestablished and give accurate results suitable for pre-final design dimensioning.
Meanwhile, though calculation procedures for bubble column systems are known not
to be accurate, these design procedures are carried out to determine orders of
magnitude parameters for such systems as a comparison for the packed tower
systems.
The analysis in this Chapter showed that plate towers were not suitable for the
proposed application. It was considered that the mass transfer properties of spray
towers were too poor and calculation procedures too inaccurate to justify their
consideration for a full design procedure.
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4.7 Notation
Table 4.5 Notation used in Chapter 4.

Symbol
HCH4

Henry’s Law constant for methane

Unit
[atm/mol fraction]

P

System Ambient Pressure

[atm]

T

System Temperature

[oC]

Gx , Gx,mol
x

Liquid phase flow on mass basis and [kg/s] or [mol/s]
molar basis respectively
Liquid phase methane concentration [mol fraction]

Y

Gas phase methane concentration

[mol ratio]

Gy,inert,mol

Inert gas phase flow

[mol/s]

Gy,mol

Total gas phase flow

[mol/s]

Table 4.6: Subscripts used in Chapter 4.

Subscript
a
Pertaining to conditions at the top of desorption unit
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b

Pertaining to conditions at the bottom of desorption unit

int

Pertaining to point where the operating line for desorption is incident on and
tangential to the equilibrium line

CHAPTER 5: SINGLE PACKED TOWER WEAK DESORPTION
SYSTEM WITH REGENERATIVE THERMAL OXIDISER:
DESIGN, COST AND PERFORMANCE PARAMETER
CALCULATION
5.1 Aim
The aim of this work is to develop a calculation procedure to perform comprehensive
dimensioning, performance analysis and total cost estimation procedures for a
methane desorption and oxidation system consisting of a single packed tower
desorber and RTO, under initial conditions appropriate for wastewater exiting UASBs
at the proposed full-scale wastewater treatment plant at Hammarby Sjöstad. The
sensitivity of system parameters to the incoming liquid phase methane concentration,
and of total system cost to service lifetime is evaluated.

5.2 Introduction
In this Chapter a simple system for methane desorption and oxidation, as
recommended from the results presented in Chapter 4, is designed and analysed. The
principles used as the basis for this design are also applied in the design procedures in
Chapters 6 through 9.

Packed
Tower
RTO
Wastewater
In

CO2 and
H2O

Total System Boundary
Wastewater
Air In
Out
Figure 5.1: Schematic of Single Packed Tower for Weak Desorption and Methane Oxidation in RTO.
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Figure 5.1 shows a schematic of the system that is designed in this Chapter. The main
components of the system are a single packed tower the gas outflow of which is fed
into a regenerative thermal oxidiser (RTO). It is intended that the methane
concentration of the gas exiting the packed tower is one quarter of the lower
explosion limit for methane in air, 0.0125 [mol fraction]. The process is labelled a
“weak” desorption process and due to the low outgoing gas phase methane
concentration, an RTO is used to perform oxidation.
Also shown in the Figure and included in the design are system auxiliaries: a water
pump to raise water to the top of the packed tower, as well as two air blowers, each
one overcoming pressure drop experienced by the gas phase due to moving through
the packed tower and RTO respectively.
Figure 5.2 shows a qualitative overview of the procedure developed to calculate
dimensions, cost and performance parameters of the desorption/oxidation system
shown in Figure 5.1. This procedure also forms the basis for the design procedures
carried out in Chapters 6 through 9.
Appropriate independent variables are chosen as the primary inputs of the procedure.
As shown in detail in subsequent sections, these consist firstly of parameters
describing the two phases and how they interact, such as liquid and gas flow rates,
incoming methane concentrations and system temperature and pressure. Secondly,
independent variables describing the main desorption/oxidation system components,
such as tower packing dimensions and RTO efficiencies are used. Finally, physical
assumptions are made concerning flow conditions in the packed tower.
Appropriate functions are applied to the independent variables to predict the physical
dimensions of the desorption/oxidation system, such as tower height and diameter and
pumping power requirement. The procedure also evaluates other system performance
parameters, such as the total quantity of methane destroyed, overall process energy
use by the system, overall energy recovery by the system and overall greenhouse gas
(GHG) emissions from the system.
Finally, from the calculated system dimensions and performance parameters, the
procedure calculates capital costs for the system components as well as process
energy costs. These costs are added to those other costs that are significant to the
overall cost of the system but not directly related to the dimension and performance
parameters, such as operation and maintenance costs, overheads and costs for
administration, taxes and insurance to determine the total system cost.
The calculation procedure shown qualitatively in Figure 5.2 and described above is
executed using a program called “Weak Single Packed Tower” written in the
equation-solving program Engineering Equation SolverTM (EES). Microsoft ExcelTM
is used to perform post-processing and formatting of the generated data.
It is estimated that the design carried out in this Chapter is capable of dimensioning a
packed tower to within ±30% of the actual dimensions required [Trambouze, 1988].
Meanwhile the cost estimation procedure for the packed tower is expected to yield a
“study estimate” to within ±30% of the actual cost [Barbour, 1995]. Though no
numerical estimate is made for the accuracy of the RTO costing procedures, it is
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considered to “compare favourably” with specific cost quotes from vendors [van der
Vaart, 2000].

1. SYSTEM
INDEPENDENT
VARIABLES
2. PHYSICAL
ASSUMPTIONS
Concentrations,

[Flow
rates,
temperature,
methane
pressure]
concentrations,
temperature,
pressure etc.]

SYSTEM
DIMENSIONS
AND
PERFORMANCE

CAPITAL COSTS

[Tower height,
diameter, blower
sizes, pump sizes]

O + M COSTS

POWER COSTS

TOTAL
SYSTEM
COST
[Expressed as
Annual Cost or
Cost/m3 etc.]

OVERHEADS
OTHER COSTS

Figure 5.2: Schematic of calculation procedure that is the basis the calculation procedure in this
Chapter and subsequent Chapters.

5.3 Method
5.3.1 Independent Variables and Physical Assumptions
Independent variables related specifically to the gas and liquid phases as well as
system temperature and pressure that are used for the initial system design are shown
in Table 5.1. These values are also used as the basis for designs in the following
Chapters.
The system temperature for the packed tower is assumed to be 10 [oC]. Though the
liquid temperature of the water exiting the UASBs at Hammarby Sjöstads
Reningsverk pilot plant is higher than this (it has been measured to be approximately
20 [oC]), the value of 10 [oC] is assumed because it will give a conservative estimate
for the system height. This is justified given uncertainty concerning the temperature
of the air coming into the packed tower. The one exception to this is that incoming
liquid phase methane concentration in Table 5.1 is calculated as that liquid phase
concentration that is in equilibrium with a gas phase partial pressure of 0.8 [atm] at a
temperature of approximately 20 [oC].
The methane concentration of incoming wastewater is chosen as 150% of the
theoretical saturated concentration at conditions inside the UASB since this seems a
reasonable value based on the concentration measurements carried out in Chapter 2.
Meanwhile the exiting liquid phase methane concentration is determined such that,
taking the destruction efficiency of the RTO (see below) into account as well, 97% of
the total quantity of methane entering the entire system in the liquid phase is
destroyed. This is based on the estimate initially made in Chapter 1.
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Table 5.1: Independent Variables Related to Gas and Liquid Phases for Initial System Design.

Parameter
System temperature

Value
10 [oC]

Comment
Conservative assumption (discussed
below)

System pressure

101.325 [kPa]

Atmospheric pressure

Liquid phase flow rate

36.1 [kg/s]

Liquid phase methane
concentration entering packed
tower
Liquid phase methane
concentration exiting packed
tower
Gas phase methane
concentration entering packed
tower
Gas phase methane
concentration exiting packed
tower

3.192x10-5
[mol fraction]

0

Estimated flow for full-sized local
treatment plant, 15,000 person
equivalents [Hellström, 2005]
150% saturated (based on
concentration measurements in
Chapter 2)
concentration such that 97% of
methane entering the system is
destroyed
Assumed pure air

0.0125 [mol
fraction]

1/4 of Lower Explosion Limit
(safety requirement)

6.38x10-7
[mol fraction]

Having said that, the measurements made in Chapter 2 showed considerable variation
in the extent to which methane was oversaturated in wastewater exiting the UASBs.
Therefore, as well as calculating for a desorption/oxidation system with initial
conditions shown in Table 5.1, in this Chapter calculations are performed for different
values of the incoming liquid phase methane concentration, shown in Table 5.2.

Table 5.2: Values of Incoming Liquid Phase Methane Concentration used in Sensitivity Analysis

%age of Saturation
Concentration at 0.8 Concentration [mol
[atm] and 20 [oC]
fraction] x 105
100
2.1
125
2.7
150
3.2
175
3.7
200
4.3
The assumed values for independent variables describing the physical properties of
the packed tower and RTO are shown in Tables 5.3 and 5.4 respectively. Finally
Table 5.5 shows the values assumed for efficiencies of pumps and blowers. All these
values are assumed to apply for designs of packed towers or RTOs in Chapters 6 to 9,
as indicated. Further discussion of how these parameters are used in this design
procedure is given in the Sections below.
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The most important physical assumption in the design of the desorption/oxidation
system is that the gas phase in the packed tower is fully mixed. Therefore the exiting
gas phase methane concentration is, for the purposes of this calculation procedure,
equal to the gas phase concentration of methane in the entire tower. Meanwhile it is
assumed that the liquid phase flows down the packed tower in perfect plug flow.
Furthermore, since air is supplied to the packed tower in excess, compared to all other
species present in the liquid and gas phases in this weak desorption, it is reasonably
accurate to assume that methane is the only species that can be absorbed or desorbed
in the packed tower.
Table 5.3: Independent Variables Describing Packed Tower.

Parameter
Packing nominal diameter

Value
25 [mm]

Packing material

Treated Metal Chosen for high critical surface tension
of material
0.2 [kPa/m]
Assumed value based on [Coulson,
1996], see Section 5.3.2

Estimated pressure drop
experienced by gas phase

Comment
Standard packing size

Table 5.4: Independent Variables Describing RTO.

Parameter
Destruction
efficiency

Value
99 [%]

Efficiency of heat
recovery

95 [%]

Pressure drop
4.75 [kPa]
experienced by gas
phase
Gas flow design
1000
capacity
[Nm3/hour]
Turndown range

1:7

Comment
Destruction efficiency is the proportion of
combustibles entering the RTO that are fully oxidised
in the outflow. [MEGTEC, 2006]
This is the average efficiency with which heat
generated by combustion can be returned to preheat
incoming gas. [MEGTEC, 2006]
[van der Vaart, 2000]

Smallest unit available. [MEGTEC, 2006], [Sjögren,
2006] and [van der Vaart, 2000]
[MEGTEC, 2006]. See Section 5.3.2.

Table 5.5: Pump and Blower Efficiencies.

Parameter
Air blower total efficiency (for packed
tower blower and RTO blower)
Water pump total efficiency

Value
0.7
0.7

Comment
Assume a high efficiency blower
Assume a high efficiency pump
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Values for independent variables used in the cost calculations are presented in Table
5.6. The service life of the system is also varied between 5 and 30 years to determine
sensitivity of total cost to this variable.
Table 5.6: Independent Variables Assumed for Cost Calculations for Initial System Design.

Parameter
Service life of system

Value
20 [years]

Comment
Based on values given in [Peters, 1991]

Interest rate

5 [%]

Hours of operation

8760 [hours/year]

Unit cost of electricity

0.8 [SEK/kWh]

Assumed constant value from [Hellström,
2006].
It is considered realistic to assume continuous
operation.
Conservative assumption

Currency Conversion 8.5 [SEK/USD]
Factor
Backdating of
N/a
Monetary Values

Assume consumer price index (CPI) model,
[EHS, 2006]

5.3.2 Dimension and Performance Parameter Calculation Procedures
The calculation procedures described in this section are carried out in the EES
program “Weak Single Packed Tower”. The equations used in the calculation are
given in Appendix E.

5.3.2.1 Packed Tower Dimension Calculation
The height of packing in the tower is calculated using the number of transfer units
/height of a transfer unit method [McCabe, 2005]. In order to perform this calculation,
mass transfer coefficients for the methane/water/air system are evaluated using the
long-established Onda correlation [Trambouze, 1988]. Knowing the height of packing
required in the tower it is trivial to calculate total height of the tower with a
correlation from [Barbour, 1995], as well as the size of pump required to raise water
to the top of the tower.
Meanwhile the diameter of the packed tower is determined by consideration of the
flooding properties of the tower (the phenomenon of flooding is described in detail in
Chapter 3). An estimate of the diameter at which flooding will occur for the given
liquid and gas phase flows is generated using Sherwood’s correlation, given in [Piche,
2001]. The actual diameter used for the packed tower is calculated such that the actual
gas phase superficial velocity is a factor of 0.7 of the gas phase superficial velocity at
flooding.
The packed tower air blower is dimensioned with consideration of the gas phase
pressure drop due to packings in the tower. Unfortunately, the available data sets for
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pressure drop due to specific types of packing do not cover the range of flow rates
that are considered in this system, e.g. [Koch, 2005]. The same is true for general
pressure drop correlations such as those given by [Eckert, 1961] and [Leva, 1954].
Therefore the pressure drop per unit height is simply estimated as a constant and
conservative value shown in Table 5.3. This estimate is made with reference to data
given in [Coulson, 1996]. As demonstrated in the Section 5.4, this is a reasonable
assumption.

5.3.2.2 RTO Dimension Calculation
As indicated in Table 5.4, in dimensioning the RTO part of the system, a unit of
suitable capacity to handle the quantity of gas exiting the packed tower is simply
chosen “off the shelf”. By comparison with the theoretical gas flow rates calculated in
Chapter 4, it is easily seen that the design capacity of this unit is at least one order of
magnitude larger than the expected gas flows through this system. This is due to the
fact that 1000 [Nm3/hour] is the smallest capacity RTO available. However, the
turndown range shown in Table 5.4 indicates that an RTO with a design capacity of
1000 [Nm3/hour] is capable of handling gas flows as low as one seventh of this design
capacity. Having said that, it has been noted that below a turndown ratio of 1:4, the
quoted heat exchange and destruction efficiencies may not be achievable [Sjögren,
2006].
The pressure drop experienced by the gas phase passing through an RTO is used to
estimate the air blower power required. The value used for this parameter in this
calculation is taken from [van der Vaart, 2000], as shown in Table 5.4.
Finally, a simple steady state energy balance is performed to give an estimate of the
quality of heat that is available in the gas stream exiting the RTO.

5.3.2.3 Performance Parameter Calculation
The system energy balance and the greenhouse (GHG) gas emissions due to the
system are calculated by the procedure.
The energy balance is estimated as the difference between, on the one hand, process
energy use by the pump and air blowers, and on the other of the energy made
available in the form of hot flue gas exiting the RTO.
Meanwhile, the total GHG emissions due to the system are evaluated as the sum of
two separate contributions. Firstly, the GHG emissions due to the methane that enters
the system but is not oxidised is evaluated. This comprises the sum of the methane
that exits the packed tower still in the liquid phase and the methane that is desorbed in
the packed tower but is not oxidised in the RTO. Secondly, GHG emissions due to
process energy use are evaluated. For comparison, this is evaluated for two separate
cases: Firstly assuming that process energy is electricity generated by coal plant using
estimates given in [Nelson, 2002], and secondly assuming that process energy used is
Swedish average grid electricity, as given in [Sundqvist, 1999]. Carbon dioxide
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evolved from the combustion of desorbed methane is assumed not to contribute to
GHG emissions since this is assumed to be part of the natural carbon cycle.

5.3.3 Annual Cost Calculation
The annual cost calculation is performed simultaneously with dimensioning in the
EES program “Weak Single Packed Tower”. Calculation is carried out using separate
costing procedures for the packed tower (including the air blower and water pump)
and for the RTO (including the air blower).
The calculation procedure for the packed tower total annual cost is based on that
developed in [Barbour, 1995], with appropriate changes made for the desorption
application being considered. Correspondingly, the total annual cost calculation for
the RTO is based on the procedure developed in [van der Vaart, 2000], with
appropriate changes made reflecting this specific application.
Though separate procedures, annual cost calculation for the packed tower and the
RTO have the same basic structure. The total annual cost it is broken down into five
separate components: annual capital cost, annual electricity (process energy) cost,
annual overhead cost, annual operation and maintenance cost, and an umbrella
category for annual administration, tax and insurance costs. The values assumed or
method of calculation for each component are shown in Table 5.7 and described
briefly in the following sections. The equations used for annual cost calculation are
also given in Appendix E.
Table 5.7: Subcategories used in Annual Cost Calculation of RTO and Packed Tower for Initial System
Design.

Category

Value (if Comment
assumed)
Annual Capital Cost
N/a
Calculated by applying annuity model to total
capital investment
Annual Electricity Cost
N/a
Calculated from pump/blower power requirements
and assumed constant unit price for electricity
Annual Operation and 19500
See Appendix E
Maintenance Cost
[SEK/year]
Annual Overhead Cost
11700
Additional 60% of assumed annual operation and
[SEK/year] maintenance cost as calculated above
Annual Tax, Insurance N/a
4% of total capital investment
and Administration Cost

To calculate the annual capital cost, it is first required to calculate the total capital
investment (TCI). The TCI is the sum of capital outlay required for a turnkey
solution. For the packed tower it is calculated based on functions from [Barbour,
1995]. Meanwhile the total capital investment for the RTO is based on a combination
of a vendor quote from [Sjögren, 2006] and the procedure described in [van der Vaart,
2000]. Annual capital costs are then predicted from the total capital investment
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estimates using the annuity method. The assumed values for the service life of the
overall desorption/oxidation system and interest rate used in the calculating annuity
are shown in Table 5.6.
The annual cost of electricity for the pump and blowers in the system depends on the
power requirements of these components (as calculated in the system dimensioning
procedures), the cost of electricity, and the hours of operation of the system. Assumed
values for these two independent variables are shown in Table 5.6.
Annual operation and maintenance cost for the packed tower and RTO respectively
are shown in Table 5.7. This value based on an assumed number of man-hours and
materials requirement per year, according to the estimates given in the Appendix.
In light of the relatively high overhead costs at Stockholm Vatten AB, the cost of
overheads for the packed tower and RTO respectively are assumed to be an additional
60% of the operation and maintenance costs. Meanwhile, the annual tax, insurance
and administration costs are assumed to be 4% of the total capital investment
calculated for each separate unit.
Original cost estimates in this procedure have either been quoted in 2006 Swedish
crowns ([SEK]) or in US dollar ([USD]) values from differing years. It is desired that
results of the cost estimation all be given in 2006 [SEK]. Two conversion factors are
therefore used. To convert from previous years’ [USD] values to 2006 [USD], as
shown in Table 5.6, the consumer price index (CPI), accessed via [EHS, 2006] has
been used. Meanwhile the constant factor of 8.5 [SEK/USD] has been used to convert
from [USD] to [SEK].

5.4 Results and Discussion
5.4.1 Initial System Design
The results presented in this subsection are calculated from the values for independent
variables presented in Table 5.1. The discussion considers both the system parameters
calculated as well as the validity of the calculation procedure developed.

5.4.1.1 Packed Tower Dimensions
Table 5.8: Tower Dimensions for Initial System Design

Tower Dimension
Packed Height
Total Height
Diameter

Calculated Value [m]
5.1
9.1
1.10

Table 5.8 shows the calculated tower dimensions. That the packed height is of the
magnitude shown depends on two aspects of the desorption/oxidation system
requirements. Firstly, a low methane concentration in the exiting wastewater is
required to satisfy the performance criteria for the system. The gas and liquid phase
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methane concentrations in the mass transfer film at the bottom of the tower therefore
are required to approach their corresponding equilibrium concentrations, resulting in a
low driving force for mass transfer at the bottom of the tower. This low driving force
means that a significant amount of height is required to achieve the last few units of
methane concentration reduction from the liquid phase. The concept of requiring a
large amount of system height to achieve relatively small reductions in liquid phase
methane concentration when close to phase equilibrium is one that occurs repeatedly
for all systems considered in this report.
Secondly, the conservative assumption of a completely-mixed gas phase exacerbates
this effect, since a consequence of this assumption is that in the lowest sections of the
tower the driving force is significantly smaller than had a standard plug-flow countercurrent configuration been justified. The same height calculation was carried out with
the assumption of perfect plug flow in the gas phase, yielding a packed height of 4.1
[m]. Though not insignificant smaller, this height is nonetheless of the same order of
magnitude.
Of relevance for the accuracy of the calculation procedure, [Gillett, 2005] performed
similar dimension calculations for a packed tower, assuming perfect plug flow in the
gas phase and slightly larger packings (nominal diameter 37.5 [mm]) than used here.
The calculation yielded a tower with a packed height of about 5 [m] and a diameter of
0.85 [m]. This confirms the accuracy of the calculation procedure used in this
Chapter.
Also shown in Table 5.8 is the total tower height. With reference to Figure 3.3, the
extra height is justified by requirement for sump space for the wastewater at the
bottom of the tower, space for a gas inlet, as well as liquid redistributors at intervals
throughout the packed height, a liquid distributor at the top of the tower and finally a
demister for exiting gas. It is somewhat surprising that the total height of the tower is
over 150 % of the calculated packed height. The correlation that is used to predict the
total tower height from the packed height in this procedure is taken from [Barbour,
1995] where it was “developed from information reported by gas absorption
vendors”. Other sources for such a correlation did not appear in the literature.
Meanwhile, using Sherwood’s correlation as the basis for determining tower diameter
should provide a conservative estimate for an appropriate diameter. This is because
the correlation is based on results from tests using an older type of packing, Raschig
rings. Meanwhile, more modern types of packing are certainly available, one of the
advantages of which is that they have a more hollow structure that allows them to
tolerate higher liquid and gas flow rates without flooding.

5.4.1.2 System Performance
The results of the energy balance performed are shown in Table 5.9.
This comparison shows that the energy balance for the process is favourable.
Considering the process energy use, the water pump is the major consumer.
Therefore, a major saving could be realised if water exiting the top of the UASB
could be fed directly into the packed tower.
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Table 5.9: Energy Balance for Initial System Design

o

Heat Output from RTO (flue gas at 340 [ C])
Electricity use by packed tower blower
Electricity use by packed tower pump
Electricity use by RTO blower
Total Electricity Consumed in System

Energy Parameter [kJ/s]
47.1
0.2
3.6
0.8
4.6

Meanwhile, the relatively insignificant energy consumption of the packed tower air
blower shows that pressure drop experienced by the gas phase passing through the
packed tower is not a vital parameter in system performance. Therefore even if the
value assumed for pressure drop is lower than it would be in reality, since it is
definitely of the correct order of magnitude the assumption is satisfactory from this
point of view.
One unknown for the system is how the heat output from the RTO would be utilised.
At 340 [oC] the flue gas could not only be used for space or process heat but also for
steam generation. Unfortunately the rate of heat generation is too small for the steam
to be put through a turbine to generate electricity efficiently. Having said that, heat at
this quality may be used to power an absorption cooling device. This represents a
possibility for future extension of the calculation procedure developed here.

GHG emissions [kgCO2/m^3]
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without pump
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Figure 5.3: Greenhouse Gas (GHG) Emissions for Different Scenarios in Units of [kg CO2/m3
wastewater] for Initial System Design.

A further possibility to add to the procedure is to use an exergy comparison. Given
the relative qualities of the energy inputs and outputs to the system, the exergy
balance for this system would certainly be less favourable than the energy balance of
Table 5.9, however given the favourability of the energy balance the exergy balance is
likely to be favourable also.
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It is calculated that by installing the desorption/oxidation system, a quantity of
methane with a global warming potential (GWP) of 0.64 [kg CO2/m3 wastewater] is
destroyed that would otherwise have been released to the atmosphere. Meanwhile
Figure 5.3 shows the GHG emissions that still occur due to the desorption/oxidation
system, with and without the pumping energy requirement mentioned above.
Comparison of the GWP of the total quantity of methane destroyed quoted earlier in
this paragraph to data shown in Figure 5.3 demonstrates that overall GHG emissions
are lower with the desorption/oxidation system than without for all the scenarios
considered.
Figure 5.5 meanwhile shows data with GHG emissions expressed in units of [kg
CO2/kWhthermal], calculated as the equivalent quantity of carbon dioxide that is
released by the desorption/oxidation system as a ratio of the quantity of useable heat
exiting the RTO (taken as the value given in Table 5.9). This shows that in the case
where electricity from coal plant is assumed, process energy constitutes a major
source of GHG emission for the desorption/oxidation system. In this case there is a
significant reduction in total system GHG emissions when pumping of water is not
required in the desorption/oxidation system. Meanwhile, overall GHG emissions are
much lower in the case where Swedish average grid electricity is assumed, due to the
fact that all but 5.6% of Swedish grid electricity comes from sources that are not net
emitters of carbon dioxide. In this case, reduction in overall GHG emissions is less
significant where pumping of water is not required. It is nonetheless attractive to try
to take water from the top of the UASBs into the packed tower from an energy point
of view.
It is also noted that the situation assuming no pumping energy requirement is an
idealisation. Wastewater would have to be raised to the top of the tower in some way,
and the energy and emissions that occur as a result need to be accounted for
somewhere. This analysis does however clearly show that where emission neutral
electricity is not available, GHG emission performance of the system will be
significantly affected by water pumping requirements.
Figure 5.4 shows GHG emissions in units of [kg CO2/kWhthermal] for fossil fuels,
average Swedish district heating (based on data from [Andersson, 2005]) and Swedish
average grid electricity. All four scenarios for GHG emission from the
desorption/oxidation system have lower emissions than the fossil fuel scenarios,
however the situation using coal electricity and requiring pumping energy does not
have significantly lower GHG emissions than natural gas. In all other scenarios,
emissions calculated for the desorption/oxidation system have levels comparable to
that for Swedish average district heat and Swedish average grid electricity. It should
be added that since a large amount of biofuels are used for district heating in Sweden,
emissions are consequently low (since carbon dioxide emissions due to biofuels are
considered part of the natural carbon cycle). Additionally, for the
desorption/oxidation system scenarios that have comparable GHG emissions to
Swedish district heat, the major part of the emissions arise from the methane that is
not neutralised. The effect decreasing the amount of methane that is not neutralised is
investigated in Chapter 6.
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Figure 5.4: GHG emissions per heat source [Andersson, 2005] and [Sundqvist, 1999] for comparison
with Figure 5.5 below.
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Figure 5.5: Greenhouse Gas (GHG) Emissions for Different Scenarios in Units of [kg CO2/kWhthermal]
for Initial System Design.

53

While the preceding comparisons and observations are positive, it is important that
this data be included in systems analysis for the entire treatment line to understand the
wider effects of the desorption/oxidation system on the overall wastewater treatment
system. The current data and discussion is directly useful in comparing this methane
recovery option with options for high concentration recovery considered in Chapters 8
and 9.
This analysis has been satisfactory in evaluating the chosen performance parameters
for the system. Externalities nonetheless remain that have not been taken into account.
Firstly, the embedded energy, and embedded GHG emissions due to system hardware
have not been evaluated. Indeed, the sulphur content of gas exiting the packed tower,
and how this affects GHG emissions has not been considered. Furthermore, an
investigation has not been carried out to understand other emissions due to the RTO,
though NOx emissions are claimed to be low [MEGTEC, 2006] for the VOCsidizer.

5.4.1.2 Annual Cost
Cost per Cubic Metre [SEK/m^3]

1
0.9
0.8
0.7
0.6
0.5
0.4
0.3
0.2
0.1
0
0

5

10

15

20

25

30

35

Service Life of System [Years]
Packed Tower Cost
Total System Cost

RTO Cost
Service Life used in Other Analysis

Figure 5.6: Total System Cost in [SEK/m3] for Initial System Design.

Figure 5.6 shows that the total cost of the entire desorption/oxidation system designed
for the system service life of 20 years is 0.47 [SEK/m3 wastewater], with the packed
tower contributing slightly more to this cost that the RTO. Since there is uncertainty
in estimating the service lifetime, the Figure also shows how the costs vary depending
on the service lifetime. Only for short system lifetimes of about 7 years and less does
the total cost for the system exceed the upper value established at the beginning of
this project of 0.8 [SEK/m3 wastewater].
The initial estimate of a service life of 20 years was made using the US Internal
Revenue Service’s Class Life Asset Depreciation Range System given in [Peters,
1991]. Having said that, service life for the packed tower in the example calculation
performed in [Barbour, 1995] is shorter, 15 years, though no specific reference is
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given for how this estimate is justified. Meanwhile, in the sample calculation
performed in [van der Vaart, 2000] for a recuperative thermal oxidiser (not
regenerative thermal oxidiser, as assumed in this calculation) assumes a service life of
10 years, again with no specific reference. Figure 5.6 shows that calculations
performed with these service lives would yield a total cost of about 0.55 [SEK/m3
wastewater]. This is greater, though not dramatically so than the value for a constant
20 year service life, and is still comfortably within the target specified for the system
in Chapter 1.
Finally, it is noted that only about one half of the total gas flow capacity of the RTO is
utilised by this system. Therefore it will reduce the costs due the RTO significantly if
this extra capacity can be utilised by a gas stream from another source (from
somewhere else on the treatment line possibly), therefore enabling costs for this unit
to be shared with this other source.

Cost per Unit Energy Recovered [SEK/kWh
thermal]

Figure 5.7 shows data with cost expressed in [SEK/kWhthermal], where the energy
output used for this calculation is that taken from Table 5.9. Also shown on the Figure
is the average consumer price for district heating in Sweden [Andersson, 2005]. On
the one hand the Figure shows that the cost for the desorption/oxidation system could
not be covered by the savings made in displaced heating requirements. This
judgement is however not of ultimate significance since it is the analysis for the entire
wastewater treatment system that is significant. It is more important to observe that
the cost of the desorption/oxidation system is of a similar order of magnitude to the
consumer cost for district heating, and therefore that financial gains made in the form
of displaced heating costs will play a significant role in the financial operability of the
desorption/oxidation system.
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Figure 5.7: Total System Cost in [SEK/kWhthermal] for Initial System Design.
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Figure 5.8: Purchased Cost of Packed Tower for Initial System Design.

Figure 5.8 shows the relative purchased costs of the components comprising the
packed tower system. The cost of the tower (comprising in turn the tower shell,
internals and gas and liquid ports) itself dominates the overall cost of the system.
Packing costs meanwhile constitute about 20% of the entire system cost, with blower
and pump costs making up the balance.
According to the cost functions given in [Barbour, 1995] the tower cost is dependant
on the surface area of the tower shell. In order to reduce the purchased equipment cost
the Figure suggests it is a priority to reduce the tower dimensions. As shown above, a
system calculated assuming gas phase plug flow reduces the packed height by a
significant amount. Therefore it may be an economic priority to investigate further
what the gas phase flow regime would be for a real packed tower system designed to
the same specifications used in this calculation.
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Figure 5.9: Annual Cost of Desorption/Oxidation System for Initial System Design.

Figure 5.9 shows a breakdown of the annual cost of the desorption/oxidation system.
In comparing this with the example calculation in [Barbour, 1995] it is noted that the
latter features a large operating cost due to supply of caustic for the absorption
application that the tower is used for in that example. Ignoring this cost, the
breakdown of annual cost amongst the categories still differs somewhat between this
calculation and Barbour’s calculation. The annual capital cost of the system accounts
for just over a third of the total annual cost in [Barbour, 1995], whereas it accounts for
just over one half in this calculation. Electricity costs are meanwhile roughly the
same, at just under 10% of the total outlay. The inverse of the difference observed
between the share of the annual capital costs is observed for the remaining cost
categories, where these “other” categories assume almost 50% of the entire cost for
the system in [Barbour, 1995], whilst accounting for approximately one third of the
total cost in this system. Having noted these differences, this comparison is
nonetheless reassuring in that all cost categories calculated for this system and for the
example calculation of [Barbour, 1995] are of similar orders of magnitude, even in
those cost categories that are not directly associated with the physical dimensions of
the system for which there is a lack of data in the literature.
Having said that, comparing the breakdown of costs between administration, tax and
insurance cost, overhead cost and operation and maintenance cost in detail, significant
differences between the relative proportions of these costs arise between this
calculation and Barbour’s calculation. This is due to the difficulty in formulating a
justified basis for predicting such costs. At the current stage of the design, the
previous analysis suggests that these disparities are not significant, though defining
costs for operation and maintenance, overhead and administration, tax and insurance
more rigorously for this calculation procedure is a priority for future work.
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The differences between the systems considered make it more difficult to compare the
RTO cost breakdown shown in Figure 5.9 with the example calculation for a
recuperative thermal oxidiser in [van der Vaart, 2000]. It is noted that the annual
capital cost in both cases constitute about one half of the total annual cost. Besides
which, administration, tax and insurance cost, overhead cost and operation and
maintenance cost constitute a greater share of total annual cost for the RTO
calculation performed here. The problems in directly comparing the two systems
means that it is difficult to draw strict conclusions from this comparison beyond the
fact that in all categories where a comparison is reasonable, costs are of the correct
order of magnitude. As for the packed tower no data was available in the literature
giving annual cost to the same degree of detail as used here and in [van der Vaart,
2000].

5.4.2 Incoming Liquid Phase Methane Concentration Sensitivity Analysis
For the purposes of readability, Table 5.10 shows again the values of the incoming
liquid phase methane concentrations used in these calculations and their equivalent
percentages of saturation concentration.
Table 5.10: Liquid Phase Methane Concentration and Corresponding Percentage of Theoretical
Saturation used in Sensitivity Analysis.

%age of Saturation
Concentration at 0.8 Concentration [mol
[atm] and 20 [oC]
fraction] x 105
100
2.1
125
2.7
150
3.2
175
3.7
200
4.3
Figure 5.10 shows that the significant variations in incoming liquid phase methane
concentration considered do not entail significant variations for basic physical
parameters such as tower height and diameter. This is due to the fact that increasing
or reducing the incoming liquid phase methane concentration changes the difference
between gas and liquid phase concentrations at the top of the tower, where the
difference in concentrations in already large. Therefore the driving force for mass
transfer at this point in the tower is already correspondingly large, and any change in
the concentration difference at this location in the tower does not dramatically change
the magnitude of that driving force. According to the calculation system used,
therefore, there is little change in system height.
Figure 5.11 shows the total cost for the desorption/oxidation system. That this shows
little variation is due to the fact, established previously, that the system cost is to a
large extent dependant on the physical parameters of the system, namely overall tower
dimensions, shown in Figure 5.10 to be relatively unchanging.
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Meanwhile, for obvious reasons the total quantity of methane desorbed varies
significantly as a simple proportionality of the incoming liquid phase methane
concentration. The energy balance shown in Figure 5.12 becomes worse for lower
incoming liquid phase methane concentrations.
Lower incoming liquid phase methane concentrations do yield lower gas streams (in
terms of total volumetric flow) for oxidation. As mentioned previously in this Chapter
it is important for the RTO to operate at above a turndown range of 1:4 to maintain
other performance parameters such as destruction efficiency and heat recovery
efficiency at their highest values. In the range of incoming liquid phase methane
concentrations considered the turndown range varies between 1:1.7 and 1:3.6, not
exceeding the quoted value. Going much lower than this however, say down to 90%
of saturation concentration, some sacrifice may have to be made to maintain a
turndown range for optimum RTO operation. It may be required for example to add
dilution air for the RTO to increase the total gas flow, reducing by a small amount the
quantity of energy that may be recovered from the oxidiser and increasing slightly the
energy required in the RTO blower.
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Figure 5.10: Packed Tower Dimensions for Incoming Liquid Phase Methane Concentration Sensitivity
Analysis.

GHG emissions, for obvious reasons do not change significantly in magnitude since
the quantity of methane that is allowed to escape to the atmosphere is not changed and
there is little change in process energy required by the system.
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Figure 5.11: System Costs for Incoming Liquid Phase Methane Concentration Sensitivity Analysis.
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Figure 5.12: Energy Balance for Incoming Liquid Phase Methane Concentration Sensitivity Analysis.

5.5 Conclusions
The packed height and diameter calculated for the packed tower in this procedure
were arrived at using calculation methods that is considered accurate to ±30%. The
calculated dimensions also compared well to similar calculations performed by
[Gillett, 2005]. Having said that, the height additional to the packing height
constitutes a large portion of the total height, and a lack of data in the literature meant
that the initial estimate from [Barbour, 1995] could not be amended.
The calculation procedure showed that the energy balance for the system overall is
positive, with 47 [kJ/s] being recovered from the system in the form of flue gas at 340
[oC] compared to a total electricity requirement of the system of 4.6 [kJ/s]. The water
pump consumed over 80% of the process electricity for the system. If wastewater can
be taken directly from the top of the UASBs and fed directly into the packed tower,
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the energy balance for the desorption/oxidation system would improve significantly.
Meanwhile, the process electricity required by the packed tower air blower was very
low, at only 0.2 [kJ/s] and essentially insignificant to the overall process electricity
requirement. This indicates that the assumption of an approximate value for pressure
drop in the packed tower is reasonable.
Estimates for GHG emissions due to methane not neutralised by the system agree
with the original assumptions made in Chapter 1. Meanwhile, the overall GHG
emissions due to the system are dependant on the GHG emissions due to electricity
used by the process. Assuming electricity from standard coal plant, the total GHG
emissions are 0.15 [kg/kWhthermal], approximately 75% of the emissions that would
occur if thermal energy was derived from (fossil) natural gas. By comparison if it is
assumed that average Swedish grid electricity is used, the contribution to GHG
emissions by process energy is insignificant. Novel solutions need to be found for
systems where GHG neutral electricity is not readily available.
The overall cost calculation showed that the desorption/oxidation system was capable
of meeting cost targets stated in Chapter 1, with a total cost of 0.47 [SEK/m3
wastewater]. This value increases to 0.55 [SEK/m3 wastewater] if service lives of 10
and 15 years are assumed for the RTO and packed tower respectively. These costs
may decrease noticeably if a smaller total tower height is viable or the if a different
gas phase mixing regime in the packed tower other than fully-mixed can be justified.
Furthermore, sharing the unused capacity of the RTO with a waste gas stream from a
different source could decrease costs due to the RTO.
Meanwhile the calculated annual costs for the packed tower were divided into
respective categories in roughly the same proportions as the sample calculation
performed in [Barbour, 1995]. Some differences did nonetheless arise in the
proportional share of the total indirect annual costs – overhead costs, administration
tax and insurance costs and operation and maintenance costs. This difference did not
affect the total share of indirect annual costs to the entire system significantly.
Comparison of RTO cost calculation with the example calculation in [van der Vaart,
2000] was not very conclusive because of the many differences between the systems
for which calculations were carried out, though the proportions of the total system
cost assumed by the major cost categories were of the same order of magnitude.
The cost per unit energy recovery for the system was 1.15 [SEK/kWhthermal]. This is
considerably higher than, though of roughly the same order of magnitude as the
consumer cost of district heating in Sweden of 0.6 [SEK/kWhthermal]. Cost savings due
to this may therefore contribute positively to the economic operability the
desorption/oxidation system, remembering that the total cost of energy that is
recovered by the desorption/oxidation system can only be estimated with
consideration of the overall wastewater treatment system.
The sensitivity analysis carried out for incoming liquid phase methane concentration
showed that as the this parameter decreased toward saturation concentration, the gas
flow approached the limit of turndown ratio for the RTO to perform optimally.
Meanwhile the total system cost, packed tower dimensions and process energy
requirement were shown to be only very slowly varying over the range of incoming
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liquid phase methane concentrations considered. One reason for this is that when the
said concentration was changed, the outgoing liquid phase methane concentration was
not changed with it to maintain the same removal efficiency (measured as the
proportion of incoming liquid phase methane that is neutralised by the system). The
analysis does show however that varying only the outgoing liquid phase methane
concentration for the system will yield satisfactorily accurate estimates for system
performance for the case where the incoming liquid phase methane concentration is
lower, and the outgoing concentration was adjusted according to the requirement for
release of only 3% of incoming liquid phase methane. Sensitivity analysis for
outgoing methane concentration is carried out in Chapter 6.
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CHAPTER 6: PACKED TOWER CASCADE WEAK
DESORPTION SYSTEM WITH REGENERATIVE THERMAL
OXIDISER: DESIGN, COST AND PERFORMANCE
PARAMETER CALCULATION

6.1 Aim
The aim of the work in this Chapter is to add to the procedure developed in Chapter 5
to carry out comprehensive dimensioning, performance analysis and total cost
calculation for a methane desorption and oxidation system consisting of a cascade of
packed towers and an RTO, under initial conditions appropriate for wastewater
exiting UASBs at the proposed full-scale wastewater treatment plant at Hammarby
Sjöstad. The sensitivity of system parameters to the number of subunits in the cascade
and the exiting liquid phase methane concentration is evaluated.

6.2 Introduction
Figure 6.1 shows a schematic of the desorption/oxidation system for which a design
procedure is carried out in this Chapter. The desorption system consists of a cascade
of packed towers arranged in counter-current configuration. As with the previous
design in Chapter 5 it is assumed that the methane concentration in the gas exiting the
final subunit of the cascade will be equal to one quarter of the lower explosion limit
for methane, 0.0125 [mol fraction]. The RTO is used to perform final oxidation of the
methane in this stream.
It is assumed that each packed tower subunit in the cascades has the same auxiliaries
as a single unit – a blower to overcome gas phase pressure drop in the tower and a
pump to raise the liquid to the top of the tower. As previously a blower is also
required to overcome gas phase pressure drop in the RTO.
In this Chapter sensitivity analysis is performed for variation of the exiting liquid
phase methane concentration. This is considered appropriate for this Chapter since, as
will be shown in the results, a cascade is a very good solution for obtaining lower
liquid phase methane concentrations in the exiting liquid.
Though certain differences occur that are described in the following sections, physical
dimensions, performance and cost for this system are determined using the same basic
calculation procedure as that represented in Figure 5.2.
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Figure 6.1: Schematic of Packed Tower Cascade for Weak Desorption and Methane Oxidation in RTO.

Since this design features many packed tower subunits in the entire system, each one
is dimensioned and costed separately, but in light of the initial conditions for the
entire system. This requires the development of an equation set to determine incoming
and exiting methane concentrations for each subunit from the independent variables
assumed for the entire system. This equation set is solved in the EES program “Weak
Packed Tower Cascade Concentrations”.
Once this is accomplished, dimensioning, performance analysis and costing can be
carried out for each subunit using an adaptation of dimensioning and costing
procedure that was used for the single packed tower and RTO system designed in
Chapter 5 and shown qualitatively in Figure 5.2. This is performed in the EES
program “Weak Packed Tower Cascade”.
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6.3 Method
6.3.1 Independent Variables and Physical Assumptions
Values for independent variables describing the gas and liquid incoming and exiting
conditions, and temperature and pressure for the entire system are essentially the same
as those given in Table 5.1. One obvious difference is that the methane concentrations
for the phases entering and exiting the packed tower given in that Table are
interpreted in this Chapter as methane concentrations for the phases entering and
exiting the first and last subunits of the entire cascade respectively.
In the sensitivity analysis for methane concentration in the liquid phase exiting the
cascade, the values used are shown in Table 6.1. The overall removal efficiency (RE)
is the proportion of methane entering the packed tower that is ultimately destroyed by
the entire system. It therefore takes into account the separate removal efficiency of the
packed tower cascade (the quantity of methane that is desorbed by the cascade as a
proportion of the total quantity of methane entering the cascade in the liquid phase)
and the destruction efficiency of the RTO (calculated as the quantity of methane that
is oxidised in the RTO as a proportion of the total methane entering the RTO). The
value for RE shown in Table 6.1 is based on the incoming liquid phase methane
concentration shown in Table 5.1, 3.192x10-5 [mol fraction]. Table 6.1 assumes a
destruction efficiency in the RTO of 0.99 [-].
Table 6.1: Values for Overall Removal Efficiency (RE) Sensitivity Analysis Performed in Chapter 6.

Liquid phase methane
concentration exiting packed
tower [mol fraction]
1.61E-07
3.22E-07
4.80E-07
6.38E-07

Overall removal
efficiency (RE) [-]
0.985
0.980
0.975
0.970

Proportion of methane
not destroyed (1-RE)
[-]
0.015
0.020
0.025
0.030

Packed tower cascades will be considered that feature 2 and 3 subunits. For
comparison, calculations are also performed for a cascade with a single packed tower
(i.e. 1 “subunit”) that is obviously identical to the system designed in Chapter 5.
Independent variables for all packed tower subunits, RTO and auxiliaries are the same
as those given in Tables 5.3 through 5.5. It is further assumed that the gas phase in
each subunit is fully mixed. Finally, as with Chapter 5 it is reasonably accurate to
assume that methane is the only species that can be absorbed or desorbed in this
system.
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6.3.2 Liquid and Gas Phase Conditions at Entrance and Exit of Subunits
In this design, a set of equations is developed with the aim of determining the
incoming and exiting concentrations of methane in both phases for every subunit in
the cascade, from the overall conditions set in Table 5.1. This equation set is solved
in a separate EES program called “Weak Packed Tower Cascade Subunit
Concentrations”. The equations are mathematically inferred from the following
assumptions:
1. Every subunit in the given cascade has identical dimensions (packed height and
diameter).
2. The packed height of a subunit is accurately described by the height of a transfer
unit/number of transfer units method.
3. Henry’s Law applies.
4. Gas and liquid flow rates are constant throughout the cascade.
5. The gas phase in each subunit is fully mixed.
6. A simple continuity assumption: The methane concentration of a given phase
coming into a given subunit is equal to the methane concentration of that same phase
upon exiting the previous subunit.
An example of such a set of equations for a simple cascade is shown in Appendix E.
The equations are solved for all required combinations of number of subunits and
exiting liquid phase methane concentrations.
6.3.3 Dimension and Performance Parameter Calculation Procedures
The calculation procedures described in this section are carried out in the EES
program “Weak Packed Tower Cascade”, that is largely based on the EES program
used for a similar purpose in Chapter 5. The changes made that are specific for the
packed tower cascade design are described below. Equations used are given in
Appendix E.

6.3.3.1 Packed Tower Subunit Dimension Calculation
Once the inlet and outlet conditions for each subunit have been determined each
subunit can be dimensioned separately by applying the same calculation procedure for
each subunit as was used for the single packed tower in the design in Chapter 5, and
assuming the same initial physical properties for each packed tower subunit as given
in Tables 5.3 and 5.5.
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6.3.3.2 RTO Dimension Calculation
It is assumed that the RTO in this design is described by values for independent
variables given in Tables 5.4 and 5.5.
In the event that the calculations show a great increase in flow rate in the sensitivity
analysis performed, an extra RTO unit may simply be added operating in series with
the first unit.
As mentioned above, the destruction efficiency of the RTO is a parameter that
influences the overall removal efficiency of the entire system. In order to gain an
understanding of this, brief calculations are carried out changing the destruction
efficiency from the assumed “mid-range” value of 0.99 given in Table 5.4 up to a
value of 0.997. This high value is the highest destruction efficiency of a MEGTEC
VOCsidizer [MEGTEC, 2006].

6.3.3.3 Performance Parameter Calculation
Performance parameters for the entire desorption/oxidation system are evaluated as in
Chapter 5.
6.3.4 Annual Cost Calculation
Annual cost calculation for each packed tower subunit is carried out simultaneously
with dimensioning in the EES program “Weak Packed Tower Cascade”. This
employs the same basic procedure as that used for the single packed tower in Chapter
5. In all calculations, the annual cost is broken down into the same categories as those
used in Chapter 5. As shown in Table 6.2, the calculation procedure in some of these
categories is identical to that used for the single packed tower system. Having said
that, for each subunit in this design, it is assumed that the operation and maintenance
costs and the overhead cost are half of the values assumed for the system with a single
unit in Chapter 5. This is to reflect the reasonable assumption that these annual costs
should not increase directly proportionally with the number of subunits.
Meanwhile to perform the annual cost calculation for the RTO an identical method to
that used in Chapter 5 is used.
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Table 6.2: Subcategories used in Annual Cost Calculation for Packed Tower Subunits in Weak Packed
Tower Cascade.

Category
Annual Capital Cost

Value (if
assumed)
N/a

Annual Electricity Cost

N/a

Annual Operation and 9750
Maintenance Cost
[SEK/year]
Annual Overhead Cost

Comment
Identical procedure to that used in Chapter 5:
Annuity method applied to total capital
investment
Identical procedure to that used in Chapter 5:
calculated from pump/blower power requirements
and assumed constant unit price for electricity
Half of value used in Chapter 5

5850
Half of value used in Chapter 5
[SEK/year]

Annual Tax, Insurance N/a
and Administration Cost

Identical procedure to that used in Chapter 5: 4%
of total capital investment

6.4 Results and Discussion
Figure 6.2 shows the subunit height as a function of RE. The peculiar plot for the
single subunit cascade is due to the fact that at higher removal efficiencies, it is
required to operate the single tower at a lower gas phase methane concentration,
which in turn requires a greater overall gas flow through the system, according to the
mass balance for methane. According to the calculation method used, the increase in
gas flow is accommodated in the tower dimensions by a corresponding increase in
tower diameter. This allows for a slight decrease in tower height whilst maintaining
the desired mass transfer properties.
It is more important to observe in this Figure the fact that the difference between the
subunit height is much greater going from one subunit to two subunits than it is going
from two subunits to three. This point will be discussed later.
Figure 6.3 shows the process energy use of the system. In the Figure, the same
peculiar behaviour for the systems with one subunit appears again, for the reason
discussed. Noticeable is that for all values of RE the process energy use exhibits a
minimum for systems with 2 subunits.
For lower removal efficiencies, that the 2 subunit systems have lower energy use than
the single subunit cascades is due to the fact that the total height to which the
wastewater is required to be pumped is lower, contributing to decreased requirement
for pumping energy. As shown in Chapter 5, the air blower power requirements are
minimal. Meanwhile for higher removal efficiencies, the requirement of greater
amounts of air for the one unit system causes the energy requirement to increase
further for one subunit systems, considerably above the energy requirement of the
corresponding 2 subunit systems.
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Comparing the 2 and 3 subunit systems, the energy requirement of the 2 subunit
systems is lower than that for the 3 subunit systems simply because of the lower
pumping energy requirement.
Meanwhile, the energy recovered by the system in the form of desorbed methane and
subsequently hot flue gas changes insignificantly due to the increased quantities of
methane that are desorbed from the liquid, and remain essentially unchanged from the
values calculated in Chapter 5. This is except for the case of high removal efficiencies
for a single subunit system, where the gas stream has a low methane concentration
and high total volume. This causes most of the energy in the gas stream in this case to
be consumed in the oxidation process in the RTO.

Total Height per Subunit [m]
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Overall Removal Efficiency [-]
1 Subunit
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3 Subunits

Figure 6.2: Total Subunit Height for Weak Packed Tower Cascade

Figures 6.4 and 6.5 show the total system GHG emissions due to a 2 subunit system
calculated assuming Swedish average grid electricity and standard coal plant
electricity respectively. The Figures also compare GHG emissions assuming the
standard 0.99 destruction efficiency in the RTO and the highest achievable value
quoted in the literature, 0.997. For readability the columns are marked with the
overall removal efficiency as calculated assuming first the original and then the
higher RTO destruction efficiencies respectively.
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Figure 6.3: Total Energy Use for Weak Packed Tower Cascade.
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Figure 6.4: Total GHG Emissions due to a Weak Packed Tower Cascade and RTO System Swedish
Average Grid Electricity.
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Figure 6.5: Total GHG Emissions due to a Weak Packed Tower Cascade and RTO System Assuming
Standard Coal Plant Electricity.

Marked differences aside from the great difference in total magnitude noted and
analysed in Chapter 5 can be observed between these Figures. On the one hand,
increasing overall RE in Figure 6.4 leads to significant reductions in total GHG
emissions for the desorption/oxidation system. A decrease in the GHG emissions due
to this part of the treatment line may have a significant effect on the GHG emissions
over the entire plant. For example it may enable cost gains in the process for
upgrading methane exiting in the gas phase to vehicle fuel quality by allowing a more
relaxed standard for methane release from that part of the system.
Decreasing the overall quantity of methane released to the atmosphere from the
desorption/oxidation system may also be required in light of a lower incoming liquid
phase methane concentration, but a constant requirement on the proportion of the
incoming methane that needs to be neutralised.
Meanwhile, differences due to changing overall removal efficiency are insignificant
in Figure 6.5. Additionally, shallow minima can be observed in this Figure. This is
due to the fact that GHG emissions due to the increasing energy requirements
demanded by higher REs ultimately balance and exceed gains made by the increase in
RE.
Indeed, the effect of higher RTO destruction efficiencies is significant in Figure 6.4,
but not so in Figure 6.5. It should be noted that in making calculations for improved
RTO performance, no compensatory changes were made to other operating
parameters of the RTO such as an increased process energy demand for the oxidiser,
for example. Incorporation of these effects into the calculation procedure may
negatively affect the data shown in Figure 6.4.
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Figure 6.6: Total System Cost for Weak Packed Tower Cascade and RTO Systems.

Ignoring the peculiar costs for high removal efficiencies for a single subunit cascade,
costs for weak packed tower cascades are not dramatically greater than the
corresponding costs for a single subunit system, as shown in Figure 6.6. This is
important because it means that high removal efficiencies and therefore decreased
GHG emissions can be obtained without a significant increase in costs.

6.5 Conclusions
The analysis showed that a single subunit system is inappropriate for higher removal
efficiencies because the assumption of a fully-mixed gas phase requires a higher gas
flow and lower outgoing gas phase methane concentration to reach the low outgoing
liquid phase methane concentrations required.
The minimum energy requirement for weak packed tower cascade desorption systems
occurs for systems with 2 subunits, with a process energy requirement of 4.5 [kJ/s] for
an overall removal efficiency of 0.97 [-] increasing to an energy requirement of 5.5
[kJ/s] for an overall removal efficiency of 0.985 [-].
At low overall removal efficiencies, single subunit systems are the cheapest with a
cost of 0.47 [SEK/m3 wastewater], though for increased removal efficiencies cascades
with 2 subunits ultimately are cheapest with a cost of 0.55 [SEK/m3 wastewater]. The
minimum cost may occur for systems with a larger number of subunits if a new
correlation for predicting total packed tower height is found that predicts lower total
heights from calculated packed heights, as mentioned in Chapter 5.
The GHG emissions from the desorption/oxidation system are dependent on the
source assumed for process electricity. A minimum achievable GHG emission rate
has been demonstrated for the case where electricity from standard coal plant is
assumed. This rate of 0.14 to 0.15 [kg CO2/kWhthermal] is approximately 75% of the
GHG emissions that would occur if (fossil) natural gas were combusted in air to
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supply the same amount of thermal energy. Increasing the destruction efficiency of
the RTO decreases overall GHG emissions due to the system in this case
insignificantly. Meanwhile, assuming average Swedish grid electricity, total GHG
emissions decrease essentially proportionally to the overall removal efficiency down
to a minimum value of 0.02 [kg CO2/kWhthermal] for the highest removal efficiency
(assuming the maximum value for the RTO destruction efficiency).
The increased destruction efficiency of the RTO decreased the overall GHG
emissions by a constant 0.012 [kg CO2/kWhthermal]. It is therefore most significant
when the removal efficiency due to the packed tower cascade is highest. This is
qualified by the fact that compensating changes to the calculation procedure were not
made for the increased RTO destruction efficiency. More accurate description of the
RTO performance with changing destruction efficiencies will be interesting in this
respect.
Finally, from an aesthetic point of view, it may be worth the extra cost incurred by a
two subunit system to obtain a system with an overall height that is more appropriate
for the possible future surroundings of the full-scale wastewater treatment plant at
Hammarby Sjöstad.
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CHAPTER 7: BUBBLE COLUMN CASCADE WEAK
DESORPTION SYSTEM WITH REGENERATIVE THERMAL
OXIDISER: DESIGN, COST AND PERFORMANCE
PARAMETER CALCULATION

7.1 Aim
The aim of the work in this Chapter is to add to the procedure used in Chapters 5 and
6 to carry out comprehensive dimensioning, performance analysis and total cost
calculation for a methane desorption and oxidation system consisting of a cascade of
bubble columns and an RTO, under initial conditions appropriate for wastewater
exiting the UASBs at the proposed full-scale wastewater treatment plant at
Hammarby Sjöstad. The sensitivity of system variables to the number of subunits in
the system is evaluated.

7.2 Introduction
Figure 7.1 shows a schematic of the system for which a design procedure is carried
out in this Chapter. The desorption system consists of a cascade of bubble columns
arranged in counter-current configuration. It is assumed that the methane
concentration in the gas exiting the final subunit of the cascade will be equal to one
quarter of the lower explosion limit for methane, 0.0125 [mol fraction]. An RTO is
therefore used to perform final oxidation of the methane in this stream.
It is assumed that each bubble column subunit in this system will have a blower to
overcome gas phase pressure drop due to the liquid column. Meanwhile only a single
water pump is required for the entire cascade. This system feature obviously reduces
system costs and energy consumption. It is justified by the fact that the liquid phase in
each subunit is assumed fully mixed, as discussed below. This configuration for liquid
flow is the same as that used in the methane desorption cross-flow bubble column
cascade developed by Enviros Consulting Ltd. and described in [Robinson, 1999].
Images of this system are given in Appendix C.
The same basic calculation procedure is used in this Chapter as that represented
qualitatively in Figure 5.2. As with the packed tower cascades in the previous
Chapter, each bubble column subunit is dimensioned and costed separately in light of
the independent variables for the entire system. Correspondingly, an equation set
adapted from that used in Chapter 6 is developed to determine incoming and exiting
methane concentrations for each bubble column subunit from the independent
variables for the entire system. This new equation set is solved in an EES program
called “Weak Bubble Column Cascade Concentrations”.
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Figure 7.1: Schematic of Bubble Column Cascade for Weak Desorption and Methane Oxidation in
RTO.

Once subunit inlet and outlet concentrations are determined, dimensioning and
costing can be carried out for each subunit using an adaptation of the EES program
that was developed initially in Chapter 5. This new program is called “Weak Bubble
Column Cascade”. The changes made specific for the bubble column cascade design
are described below. The costs for every subunit and the RTO are then summed to
give an overall cost for the entire system.
Purely calculation-based design procedures for bubble column systems are not
considered to be sufficiently accurate to yield results suitable for a final system
design, in contrast to the way that equivalent calculations are considered accurate for
packed tower designs. The results that are generated by the following calculation
procedure should be interpreted as order of magnitude calculations, and are of use
more as a comparison and contrast to the results generated for packed tower systems
designed. Data from real experiments with the pilot cross-flow bubble column
cascade developed by Enviros Consulting Ltd. from [Robinson, 1999] is used to give
an idea of the accuracy of the calculation procedure used in this Chapter.
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7.3 Method
7.3.1 Independent Variables and Physical Assumptions
Unless stated explicitly in this section, values for independent variables describing the
gas and liquid conditions, and temperature and pressure for the entire system are the
same as those given in Table 5.1. As with the packed tower cascade the methane
concentrations for the phases entering and exiting the packed tower given in Table 5.1
are interpreted in this Chapter as methane concentrations for the phases entering and
exiting the first and last subunits of the entire cascade respectively.
The column of water in a bubble column exerts a pressure (roughly 10 [kPa] per
metre of height) on the gas being ejected from the sparger at the bottom of the
column. As a result of this, it is not accurate to design a bubble column a few metres
high as if the system pressure were that of incoming desorbing gas. Taking this into
account, the design procedure for each bubble column subunit is performed at the
average pressure within the subunit. The pressure at the liquid surface is assumed to
be atmospheric pressure.
The pressure caused by the column of liquid in each bubble column subunit is
obviously dependant on the height of the liquid in the subunit. This implicit
dependence of variables means that a manual iteration process is required to perform
dimensioning of the bubble column subunits.
It is assumed that an identical RTO is used in this design to that used in the designs of
Chapters 5 and 6, with values for independent variables as shown in Table 5.4.
Meanwhile, it is simply assumed that the bubble column features a sparger of a
standard sintered plate design. Hydrodynamically it is assumed that the liquid phase
in each bubble column subunit is fully mixed, while the gas phase moves in plug
flow. It still may be reasonably accurate to assume for this system that methane is the
only species that can be desorbed, but it is noted that the larger liquid hold-up times
associated with a bubble column will contribute to greater carbon dioxide desorption
than for the packed tower systems [Lindberg, 2003].
Systems designed feature cascades with between 2 and 9 bubble column subunits. A
one unit system was briefly considered but for reasons discussed in Section 7.4,
proved impractical.
For simplicity the diameter of each subunit is set as an independent variable at 1 [m]
for all subunits in all systems considered. As will be shown in the Section 7.4 of this
Chapter, this yields subunits with hydrodynamic properties that are realistic when
compared to hydrodynamic properties for bubble columns suggested in the literature.
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7.3.2 Liquid and Gas Phase Conditions at Entrance and Exit of Subunits
As with Chapter 6, this design also requires calculation of all the methane phase
concentrations entering and exiting all subunits in the cascades. The set of equations
developed for determining these concentrations for the bubble column cascades are
based on the same assumptions as those for the packed tower cascade and given in
Chapter 6. As indicated above, the one exception to this is that instead of assuming a
completely mixed gas phase as for each subunit (as in the packed tower cascade), in
the bubble column cascade it is the liquid phase that is assumed fully mixed. The new
equation set is solved in a new EES program called “Weak Bubble Column Cascade
Subunit Concentrations”.
An example of such a set of equations for a simple bubble column cascade is given in
Appendix E. The equations are solved for all the numbers of subunits considered for
an entire system.

7.3.3 Dimension and Performance Parameter Calculation Procedures
The calculation procedures described below are solved in the EES program “Weak
Bubble Column Cascade”, that is largely based on the EES program developed in
Chapter 5. The changes made that are specific for the bubble column cascade design
are described below. Equations used in the procedure are given in Appendix E.

7.3.3.1 Bubble Column Subunit Dimension Calculation
Though the overall method for dimensioning of the bubble column is similar to that
used for packed towers, the obvious differences between the two types of system
mean that there are many differences in the specific equations that are used in bubble
column dimensioning, as shown in Appendix E.
To calculate liquid height required for mass transfer for each bubble column subunit,
the same method of number of transfer units/height of a transfer unit is used as for the
packed tower systems in Chapters 5 and 6. Different expressions are however used to
calculate the “number of transfer units” and the “height of a transfer unit” variables
themselves, as described in Appendix E.
Meanwhile mass transfer coefficients and interfacial area for mass transfer for each
bubble column subunit are calculated with correlations for bubble columns due to
Yoshida [Yoshida, 1973]. As with packed tower subunits, an estimate for the total
subunit height (taking into account space required at the bottom of each unit for the
sparger and for a gas headspace at the top) is made based on the liquid height required
for mass transfer. The power of the water pump required for the system can also be
easily determined. For a bubble column, the air blower power is estimated by a simple
equation from the calculated liquid height.
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7.3.3.2 RTO Dimension Calculation
It is assumed that the RTO in this design has the same physical performance
characteristics as those shown in Table 5.4. Since the conditions for liquid and gas
entering and exiting this bubble column cascade are the same as for the original single
packed tower design in Chapter 5, the RTO performance in this system is the same as
the performance in that system.

7.3.3.3 Performance Parameter Calculation
Performance parameters for energy balance and GHG emissions for the entire
desorption/oxidation system are evaluated as in Chapter 5.

7.3.4 Manual Iteration Procedure
There is an implicit dependence between the system pressure in a given bubble
column subunit and the height of the column of water in the subunit.
Therefore, to calculate a liquid height for the bubble column a manual iteration is
performed. Initially, a certain system average pressure, corresponding to a reasonable
subunit liquid height (say on the order of a few meters) is assumed. Subunit inlet and
outlet concentrations are calculated at this pressure using the EES program “Weak
Bubble Column Cascade Subunit Concentrations”, and finally the subunit liquid
height is calculated using the EES program “Weak Bubble Column Cascade”.
Successive iterations are carried out using the results of the previous iterations to
inform the assumed system pressure for the next iteration. The iteration is considered
complete when the system height and corresponding pressure are in agreement to the
desired degree of accuracy. In this case a liquid height within 5 cm of the height
implied by the assumed system average pressure is considered satisfactory.

7.3.5 Annual Cost Calculation
Annual cost calculation for each bubble column subunit is carried out simultaneously
with dimensioning in the EES program “Weak Bubble Column Cascade”. This
employs the same basic procedure as that used for the single packed tower in Chapter
5. In all calculations, the annual cost is broken down into the same categories as those
used in Chapter 5.
As shown in Table 7.1, while the calculation of the annual capital cost is performed
using the annuity method, the total capital investment is estimated in a way that
reflects the fact that a bubble column requires fewer internal components than a
packed tower. Annual costs for electricity are calculated in exactly the same way as
for the packed tower systems.
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Meanwhile, in contrast to the previous design procedures, the annual costs for
operation and maintenance and for overhead are calculated as a single sum for the
entire cascade. This is intended to reflect the reasonable assumption that the simpler
construction of the bubble column requires less outlay for operation and maintenance
than a packed tower system. The annual costs for administration, tax and insurance
are calculated in the same way as for the packed tower systems.
Meanwhile, since the initial conditions are exactly the same as in the single packed
tower design as far as the RTO is concerned, cost data generated for the RTO of
Chapter 5 are used in this Chapter.

Table 7.1: Subcategories used in Annual Cost Calculation for Bubble Column Subunits in this Chapter.

Category
Annual Capital Cost

Value
assumed)
N/a

( i f Comment

Annual Overhead Cost

11700 [SEK/year] Total value for entire cascade

Annuity method applied to total capital
investment. Total capital investment
calculated using functions for bubble
column
Annual Electricity Cost
N/a
Identical procedure to that used in Chapter
5: calculated from pump/blower power
requirements and assumed constant unit
price for electricity.
Annual Operation and 19500 [SEK/year] Total value for entire cascade
Maintenance Cost

Annual Tax, Insurance N/a
and Administration Cost

4% of total capital investment. Total capital
investment calculated using functions for
bubble column

7.3.6 Comparison of Dimensioning Procedure with Experimental Values
Data published in [Robinson, 1999] give gas and liquid flow rates, and incoming and
outgoing liquid concentrations for a pilot scale bubble column cross-flow cascade
used for methane desorption from landfill leachate. Since this system is arranged in a
cross-flow configuration, the incoming gas phase methane concentration for each
subunit can be assumed to be zero. This set of variables is sufficient to define exiting
gas phase methane concentrations. Incoming and exiting methane concentrations of
the phases for each subunit are shown in Table 7.2, and other physical data used in the
calculation are shown in Table 7.3. The values for subunit liquid height and subunit
diameter given in Table 7.3 are estimates based on photographs of the bubble column
cascade included in [Robinson, 1999].
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Table 7.2: Incoming and Exiting Methane Concentrations for Subunits in Enviros Bubble Column
Cross-flow Cascade. All Concentrations given in [mol fraction]. Data calculated from [Robinson,
1999].

Subunit
Number
1
2
3
4

Incoming
Liquid Phase
Concentration
1.46x10-5
3.37x10-6
1.35x10-6
4.12x10-7

Exiting Liquid
Phase
Concentration
3.37x10-6
1.35x10-6
4.12x10-7
1.07x10-7

Incoming Gas
Phase
Concentration
0
0
0
0

Exiting Gas
Phase
Concentration
5.17x10-3
9.3x10-4
4.3x10-4
1.4x10-4

Table 7.3: Subunit Parameters for Enviros Bubble Column Cross-flow Cascade [Robinson, 1999]

Estimated Subunit Liquid Height
Estimated Subunit Diameter
Liquid Flow Rate
Air Flow Rate per Subunit

1 [m]
0.5 [m]
0.18 [kg/s]
0.43 [L/s]

A comparison is made between the actual subunit liquid heights in the Enviros Ltd.
system (as shown in Table 7.3) and the subunit liquid heights calculated when the
procedure developed in this Chapter is applied to the other data for the Enviros
system given in Tables 7.2 and 7.3.
It is apparent from the data shown here that aside from similarities in the
concentration reductions desired, there are significant differences between Enviros’
pilot plant cascade and the cascade that is designed in this Chapter. This limits the
conclusions that can be drawn from this comparison.

7.4 Results and Discussion
The total gas phase flow for all systems considered in this Chapter is essentially
constant and the same as that for the packed tower calculation of Chapter 5. The
corresponding gas superficial velocities for each bubble column subunit at average
subunit pressure vary between 0.11 [m/s] for the 2 subunit system and 0.145 [m/s] for
the 9 subunit system. This variation in these values is due to variation in subunit
average pressures. They are moreover comfortably within the range of suitable
operation stated by [Trambouze, 1988] of between 0.01 and 0.5 [m/s]. This confirms
the validity of assuming a column diameter of 1 [m], and suggests even that a column
of smaller diameter may yield cost improvements.
Figure 7.2 shows the liquid height of each subunit and the total subunit height as
functions of the number of subunits in a system. The approximate liquid height in a
subunit in a system with 2 subunits (not shown) is about 7 [m]. Meanwhile, the
subunit height for a system with one subunit was not even fully calculated because
initial estimates showed that the unit required would be unfeasibly large. This is due
to the fact that the entire desorption for a single subunit system would be required to
be performed at very low driving forces for mass transfer and is a result of the
assumption of a fully mixed liquid phase.
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That the subunit liquid height function is hyperbolic is caused by many factors.
Firstly, the low liquid phase methane concentration exiting the entire cascade entails a
close approach to equilibrium and consequently a small driving force in parts of the
system where the liquid concentration is low. Secondly, since the liquid phase in each
subunit is assumed to be fully-mixed, this means that for the systems with few
subunits, a large amount of the desorption is required to be performed at low liquid
concentrations, and small driving forces. As the total number of subunits is increased,
the desorption can be performed with larger driving forces, reducing the height
required of each subunit substantially.
The total height of each subunit is also shown in Figure 7.2. It includes the liquid
height and the height required at the top of the column for the gas headspace and to
introduce liquid and at the bottom of the column for the sparger. For systems with
more subunits, the total height can be as much as 150% of the calculated subunit
liquid height. This reflects the fact that a certain amount of additional column height
is required for any subunit irrespective of the liquid height in that subunit. It is
assumed for example that the sparger would require the same additional height in a
subunit irrespective of the liquid height in that subunit. Having said that, a lack of
data has caused considerable uncertainty in prediction of the total subunit height from
the liquid height for each bubble column subunit.
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Figure 7.2: Subunit Heights for Weak Bubble Column Cascade System with RTO
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Figure 7.3 shows the system total liquid height (i.e. the sum of all the subunit liquid
heights in a given system) and the total system height (i.e. the sum of all the total
subunit heights in a system) as functions of the number of subunits in the system. The
total system liquid height shows the same hyperbola-like shape as seen in Figure 7.2,
meanwhile the total system height levels out more quickly, and a shallow minimum
may be observed for a system with 8 subunits. This minimum is a result of the height
requirement for a subunit that is independent of the liquid height in that subunit.
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Figure 7.3: Total Heights for Weak Bubble Column Cascade

The process energy use of the entire system (including the RTO) and the entire
system cost (including the RTO) are shown in Figure 7.4. The decreasing energy use
shown in this figure is due to the decreasing subunit liquid height that gives a lower
pressure drop to be overcome by the gas phase per subunit. The energy use by the
water pump also decreases due to the decreased subunit liquid heights for systems
with more subunits. Process energy use levels off at around 10 [kJ/s] in Figure 7.4,
significantly higher than energy use in the packed tower systems. As the Figure
further shows, since this energy use arises mainly from the requirement to overcome
gas phase pressure drop, this process energy use cannot be “shared” with other
components on the treatment line, as suggested for the pumping energy in the packed
tower systems. Furthermore, the effect of the pressure drop due to the sparger is not
taken into account for each subunit, and the data shown in Figure 7.4 therefore
represent a low estimate for energy use in the weak bubble column cascade.
Applying conclusions drawn from previous Chapters, the process energy use shown
in Figure 7.4 indicates that the GHG emissions due to the desorption/oxidation system
where electricity from standard coal plant is assumed, would be about 0.26 [kg
CO2/kWhthermal]. This is approximately equal to the GHG emissions if the same
quantity of thermal energy were generated instead from (fossil) oil. Meanwhile, if
Swedish average grid electricity is assumed, GHG emissions would change little
above those occurring due to the methane released to the atmosphere, about 0.05 [kg
CO2/kWhthermal].
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Figure 7.4: Cost and Energy Use for Weak Bubble Column Cascade System with RTO.

As shown in Chapter 5, the total cost for the desorption/oxidation system is
significantly dependent on the capital cost due specifically to the desorber shell and
other components associated with the desorber. It is this consideration that causes the
minimum for total cost observed in Figure 7.4. At 0.49 [SEK/m3 wastewater] the cost
is essentially the same as that for the weak packed tower systems with RTO.
Total system cost may be reduced with consideration of systems with smaller
diameters, since this will reduce the overall surface area of the bubble column
subunits. Having said that, this will have the opposite effect of increasing the process
energy requirement for the system.

Calculated Height [m]
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Figure 7.5: Subunit Liquid Heights calculated for Enviros Consulting Ltd. Bubble Column Cross-Flow
Cascade using EES Program “Weak Bubble Column Cascade”. Dotted line represents estimated real
subunit liquid height.
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Figure 7.5 shows the liquid heights calculated for subunits in the Enviros cross-flow
bubble column cascade using phase concentrations and other system parameters from
[Robinson, 1999]. The program “Weak Packed Tower Cascade” tends to overestimate
the liquid height, sometimes by over one order of magnitude.
In spite of the near consistent over-prediction of subunit height by “Weak Packed
Tower Cascade”, and in light of the dearth of experimental data concerning bubble
column cascades for the desired application, this comparison shows at least that the
predictions made by the program do predict within about an order of magnitude of
real system dimensions.
As mentioned in introducing this comparison there are significant differences between
the systems being considered. In particular, the flow rates of the fluids are orders of
magnitude smaller for the Enviros Consulting Ltd. system. This vast difference in
scale casts doubt on any conclusion reached by direct comparison of the systems.
Therefore, the conclusion stated above relating simply to the accuracy of the
calculation method used is currently the most significant outcome from this
comparison.

7.5 Conclusions
According to the calculations, desorption to the required outgoing liquid phase
methane concentration is impossible with a single bubble column unit due to the very
low driving forces entailed for the process, and the assumption that the liquid phase is
fully-mixed.
The process energy use by the system decreased monotonically for increasing
numbers of subunits, levelling off at a total energy use of approximately 10 [kJ/s] for
systems with about 6 subunits or more, roughly twice the energy use of the weak
packed tower cascades. This greater energy use causes GHG emissions from the
system assuming electricity from coal plant to be about 0.26 [kg CO2/kWhthermal] or
roughly the same as that occurring from the combustion of fossil oil.
The calculation procedure yielded a minimum total system cost for the weak bubble
column cascade of 0.49 [SEK/m3 wastewater] for a system with 3 or 4 subunits. This
value, and the number of subunits for which it occurs may decrease for bubble
column subunits with smaller diameters.
In light of the great uncertainties associated with design calculations for bubble
columns, and the contrast between the calculated subunit liquid heights using data
from [Robinson, 1999] and the real subunit liquid heights estimated, these results
simply show that a weak bubble column cascade system with RTO can achieve cost
and performance on the same order of magnitude as packed tower systems for an
identical application.
As indicated in Chapter 3 future bubble column designs will require specialist
knowledge of bubble column systems and probably application of results from
practical experiments with bubble columns.
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CHAPTER 8: PACKED TOWER CASCADE RICH DESORPTION
SYSTEM: DESIGN, COST AND PERFORMANCE PARAMETER
CALCULATION
8.1 Aim
The aim of the work in this Chapter is to add to the procedure used in Chapters 5 and
6 to carry out comprehensive dimensioning, performance analysis and total cost
calculation for a methane desorption system consisting of a cascade of packed towers,
under initial conditions appropriate for wastewater exiting UASBs at the proposed
full-scale wastewater treatment plant at Hammarby Sjöstad, and with an exiting gas
phase methane concentration in excess of the upper explosion limit for methane in air.
The sensitivity of system variables to the number of subunits in the system and the
exiting gas phase methane concentration is evaluated.

8.2 Introduction
Figure 8.1 shows a schematic of the system for which a design procedure is carried
out in this Chapter. The desorption system consists of a cascade of packed towers
arranged in counter-current configuration. In contrast to previous designs carried out,
it is intended that the methane concentration in the gas phase exiting the last packed
tower subunit in the cascade be around twice the upper explosion limit for methane in
air or higher, a rich desorption process. Quantitatively this means that the
concentration of methane in the gas phase exiting the packed tower cascade needs to
be 0.3 ±0.04 [mol fraction] or higher.
Since the gas exiting the packed tower has a concentration above the upper explosion
limit for methane, an RTO is no longer required. Moreover, an advantage of
desorbing methane to rich gas phase concentrations is that the fuel potential of
methane may be exploited in more ways than for the low concentration desorption
systems considered in previous Chapters. For example, methane in these rich
concentrations may be combusted in a normal boiler, or in an internal combustion
engine (possibly with combined heat and power capability for optimum energy
efficiency). It may even be upgraded to gas of vehicle fuel quality, a possibility that is
considered in the performance analysis of this Chapter. As shown in the Figure, a
final destination for oxidation of the methane in the gas phase exiting the system is
not considered in detail for this design, but rather the design focuses primarily on the
many variables for the packed tower cascade itself.
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Figure 8.1: Schematic of Packed Tower Cascade for Rich Desorption.

As for the packed tower cascade considered in Chapter 6 it is assumed that each
packed tower subunit in this system has the same auxiliaries as a single unit – a
blower to overcome gas phase pressure drop in the tower and a pump to raise the
liquid to the top of the tower.
Though certain differences occur that are described in the following sections, in this
design, dimensions, performance and total cost for the entire system are determined
using the same basic calculation procedure as that represented in Figure 5.2.
In common with the design of the packed tower cascade in Chapter 6, each subunit in
the cascade is dimensioned and costed separately in light of the independent variables
assumed for the entire system. The equation set used to determine incoming and
exiting methane concentrations for each subunit from the fixed initial conditions for
the entire system is also based on the same assumptions as the equivalent set used in
Chapter 6. This equation set is solved in the EES program “Rich Packed Tower
Cascade Concentrations”.
Once this is accomplished, dimensioning and costing is carried out for each subunit
using a further adaptation of the EES program that was used for the single packed
tower designed in Chapter 5. This new program is called “Rich Packed Tower
Cascade”. The changes made that are specific for this packed tower cascade design
are described below. The costs for every subunit are summed to give an overall cost
for the entire system.
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8.3 Method

8.3.1 Independent Variables and Physical Assumptions
Values for independent variables describing the gas and liquid incoming and exiting
conditions, and temperature and pressure for the entire system are essentially the same
as those given in Table 5.1, with changes made as described in the paragraphs below.
Clearly the methane concentrations for the phases entering and exiting the packed
tower given in Table 5.1 are interpreted in this Chapter as methane concentrations for
the phases entering and exiting the first and last subunits of the entire cascade
respectively.
The obvious change made to the initial conditions shown in Table 5.1 is that the gas
phase methane concentration exiting the final subunit of the cascade is set to values as
shown in Table 8.1. As will be demonstrated by the results of this design procedure,
systems where a higher methane concentration than these is desired in the outflow
proved to be unreasonably expensive and had a very poor energy balance. Table 8.1
also shows the number of subunits that were considered in different systems for each
exiting gas phase methane concentration. These variables are not entirely independent
of each other since a certain exiting gas phase methane concentration requires a
certain minimum number of subunits to perform the required extraction when it is
assumed that the gas phase in each subunit is fully mixed.
Table 8.1: Gas Phase Methane Concentrations Exiting Cascade for System Design in this Chapter

Gas Phase Methane
Concentration Exiting
Cascade [mol fraction]
Number of Subunits

0.28

0.33

0.41

0.47

4, 5, 6, 8

5, 6, 7, 8, 10

7, 8, 9

10

As mentioned, it is assumed that the gas phase in each packed tower subunit is fully
mixed, while the liquid is assumed to move in plug flow.
In contrast to design procedures in previous Chapters, in this system, the higher
methane concentration demanded in the gas exiting the system means that absorption
of air by the liquid in the packed tower cascade is a phenomenon that may have a
significant effect on the design of the system.
Furthermore the water exiting the UASBs contains not only liquid phase methane, but
also significant quantities of liquid phase carbon dioxide (and related carbonate
species). In a real desorption unit, carbon dioxide would also be desorbed along with
methane. In the current investigation, a detailed analysis of the significance of this
effect is not carried out. Experiments (designed specifically for desorbing CO2) on gas
desorption from sewage sludge in a bubble column carried out by [Lindberg, 2003]
showed that the total quantity of carbon dioxide desorbed was approximately 10 times
greater than the total quantity of methane desorbed. There are clearly many
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differences between the system used in these experiments and the systems considered
in this report, however they give an idea of the possible order of magnitude of the
quantity of liquid phase carbon dioxide that may be present. Carbon dioxide
desorption on this magnitude should not significantly affect the systems designed for
weak desorption in Chapters 5, 6 and 7. In the case of a rich desorption system
however, carbon dioxide desorption on even a similar order of magnitude to methane
desorption in the system will clearly have a significant effect on the system design
requirements and performance.
For the sake of simplicity, in this design, however, it is still assumed that methane is
the only species that may change phases in the packed tower cascade. Incoming liquid
consists of pure water and methane, whilst incoming gas is pure air, which may not be
desorbed.
It is nonetheless noted that air desorption and carbon dioxide desorption will be
significant factors in any final design procedure for a rich packed tower cascade and
that this will significantly affect the final design of a rich desorption cascade. It is
further noted that this design process is not intended to determine whether it is
possible (given the presence of carbon dioxide and related species in the liquid phase)
to obtain methane concentrations of the magnitude considered for this design.
8.3.2 Liquid and Gas Phase Conditions at Entrance and Exit of Subunits
The set of equations used to determine the incoming and outgoing concentrations of
methane in the gas and liquid phases for every subunit in this design is based on
identical assumptions to that used for the weak packed tower cascade in Chapter 6.
This equation set is solved in a separate EES program called “Rich Packed Tower
Cascade Subunit Concentrations”. An example of such a set of equations for a simple
system in this design is shown in Appendix E.
One significant difference in this set of equations is that due to limitations of the EES
program, a manual iteration procedure is needed to determine solutions.
8.3.3 Dimension and Performance Calculation Procedures
The calculation procedures described below are solved in the EES program “Rich
Packed Tower Cascade”, that is largely based on the EES program used in Chapter 5.
The changes made that are specific for the packed tower cascade design are described
below.

8.3.3.1 Packed Tower Subunit Dimension Calculation
Once the inlet and outlet conditions for each subunit have been determined with the
above equation set, each subunit is dimensioned separately by assuming the same
calculation procedure as was used for the single packed tower in Chapter 5. In
addition to assuming the same initial physical properties for each packed tower
subunit as given in Table 5.3, it is further simply assumed that each packed tower
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subunit have a diameter of 1.10 [m], the same as that calculated for the weak packed
tower subunits.

8.3.3.2 Performance Parameter Calculation
Performance parameters for this system are calculated in a similar way to the
calculations in Chapter 5. Having said that, since there is no RTO in this system, the
energy recovered is evaluated by consideration of the fuel content of the desorbed
methane.
8.3.4 Annual Cost Calculation
Annual cost calculation for each packed tower subunit is carried out simultaneously
with dimensioning in the EES program “Rich Packed Tower Cascade”. This employs
the same basic procedure as that used in Chapter 5. In all calculations, the annual cost
is broken down into the same categories as those used in Chapter 5. As shown in
Table 8.2, the calculation procedure in some of these categories is identical to that
used for the single packed tower system. Having said that, due to the much decreased
gas flow requirements, different factors are used for calculating blower cost in the
total capital investment calculation. Furthermore, as with the equivalent design
procedure for the weak packed tower cascade in Chapter 6 it is assumed that the
operation and maintenance costs and the overhead cost for each subunit are half of the
values assumed for the system with a single unit in Chapter 5. This is to reflect the
reasonable assumption that these annual costs should not increase in direct proportion
to the number of subunits.
Table 8.2: Subcategories used in Annual Cost Calculation for Packed Tower Subunits in this Chapter.

Category

Value (if Comment
assumed)
Annual Capital Cost
N/a
Identical procedure to that used in Chapter 5:
Annuity method applied to total capital
investment
Annual Electricity Cost
N/a
Identical procedure to that used in Chapter 5:
calculated from pump/blower power requirements
and assumed constant unit price for electricity
Annual Operation and 9750
Half of value per subunit used in Chapter 5
Maintenance Cost
[SEK/year]
Annual Overhead Cost

5850
Half of value per subunit used in Chapter 5
[SEK/year]

Annual Tax, Insurance N/a
and Administration Cost

4% of total capital investment. Total capital
investment calculated using functions for packed
towers
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8.4 Results and Discussion
7

Total Subunit Height [m]

6
5
4
3
2
1
0
3

4

5

6

7

8

9

10

11

Total Number of Subunits in System
28% methane

33% methane

41% methane

47% methane

Figure 8.2: Total Subunit Height for Rich Packed Tower Cascades

Figure 8.2 shows the total subunit height for each system calculated as a function of
the total number of subunits in the system and the outgoing gas phase methane
concentration. The height is not much changed from those heights calculated for the
weak packed tower cascades, rather the increase in dimension required by the rich
desorption is achieved by an increase in the number of subunits required.
Aesthetically, the rich cascade will therefore be no taller than the predicted height for
the UASB system proposed for the full-scale wastewater treatment plant at
Hammarby Sjöstad.
Meanwhile, Figure 8.3 shows the total quantity of process energy required for
desorption in the rich packed tower cascades. It is not surprising that more energy is
required for the rich desorption than for the weak. With reference to the calculated
heights in Figure 8.2 and what is known about the breakdown of process energy use
from Chapter 5, it is clear that this increase in process energy use is due to the
increased water pumping requirements of the rich packed tower cascades. Having said
that, the Figure also demonstrates that the amount of energy available from the
desorbed methane desorbed, a constant 50 [kJ/s], is still considerably greater than the
process energy used by the desorption system. Though process energy use is greater
in rich packed tower cascades than in weak, the exergetic value of the high
concentration methane produced in rich systems is greater than that of the heat
produced in weak systems. Therefore the comparison of exergy balances may favour
the rich systems.
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Figure 8.3: Total Process Energy Use for Rich Packed Tower Cascades (for 47% methane scenario, not
shown, total process energy use is 21.75 [kJel/s]).

Meanwhile Figure 8.4 shows the total GHG emissions from the desorption system,
calculated assuming Swedish average grid electricity. It is assumed that a further 1%
of the methane that is actually desorbed by the system is subsequently released into
the atmosphere. This makes for easy calculation, since it is the same destruction
efficiency as for the RTO considered in the weak desorption systems. This 1% also
suitably reflects the order of magnitude of methane that is allowed to be released into
the atmosphere when gas is upgraded to vehicle fuel quality.
It is no surprise to observe from this Figure, in light of the share of system GHG
emissions due to system energy requirements calculated in Chapter 5 that there is no
significant increase in total emissions for this system compared to the weak
desorption systems. What may be a significant advantage to the rich desorption
system over the weak, is that if the desorbed methane is upgraded to gas of vehicle
fuel quality, in the wider systems perspective, the desorbed methane would be used
for a purpose where fossil fuels (i.e. oil) would otherwise be used. As shown in Figure
5.5 the GHG emissions from vehicle fuel (as represented by the hydrocarbon species
octane) is 0.26 [kg CO2/kWhthermal], giving a GHG emissions reduction for the entire
system of approximately 0.2 [kg CO2/kWhthermal]. For weak desorptions meanwhile,
energy can only be recovered as heat, where it would likely be substituting for district
heat, from which Figure 5.5 shows the total GHG emissions are similar to those
calculated for the desorption system considered, assuming Swedish average grid
electricity.
Meanwhile, if it assumed that electricity from coal plant is used to meet system
requirements, the corresponding GHG emissions due to the system are roughly the
same or greater than those that would occur from use of fossil oil. Indeed, since it is a
packed tower cascade that is considered here, the pumping energy that causes the
energy requirement of the system is essentially only due to the desorption system
itself, since the liquid needs to be raised to the top of each tower separately. Therefore
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there is no way that this energy use and corresponding GHG emission can be
accounted for as requirements for the overall treatment line.
Figure 8.5 meanwhile shows the total system cost for the rich packed tower cascades.
Costs differ from the costs calculated for the weak desorption systems in two ways.
Firstly, the fact that no oxidation unit is included in the system has the effect of
reducing the cost per cubic meter. Secondly, as shown in Figure 8.2, the increased
subunit dimensions have the counter-effect of increasing the cost.
The Figure shows that the overall effect of these competing factors is to cause the
total system cost to increase, though in the case of the lower concentrations shown in
the Figure, not by a dramatic amount. Figure 8.5 nonetheless shows that when higher
concentrations are desired the total system cost increases dramatically, demonstrated
by the data generated for generating an outflow of 41% methane. The minima that are
observed for the data sets shown occur roughly for the number of subunits where the
total surface area of the tower subunit shells is at a minimum.
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Figure 8.4: Total GHG Emissions for Rich Packed Tower Cascades, assuming Swedish Average Grid
Electricity.
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Figure 8.5: Total System Cost for Rich Packed Tower Cascades (for 47% methane scenario, not shown,
total system cost is 1.67 [SEK/m3 wastewater]).
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Figure 8.6: Total System Cost for Rich Packed Tower Cascades. (for 47% methane scenario, not
shown, total system cost is 37.9 [SEK/Litre Gasoline Equivalent])

Figure 8.6 also shows cost data, expressed in cost per litre of gasoline equivalent. This
shows another possible advantage of a rich desorption system over the weak
desorption systems considered previously, that if used as replacement for vehicle fuel,
the displaced costs are greater than if the desorbed methane is used for heating
purposes. This may offset therefore the greater cost of the rich desorption system
calculated above.
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Figure 8.7: Cumulative Energy Recovery and Total System Cost for Rich Packed Tower Cascade.
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Figure 8.8: Cumulative Energy Recovery and Total System Energy Use for Rich Packed Tower
Cascade.

Figure 8.7 shows cumulative energy recovery plotted as a function of cumulative total
system cost. Starting from the origin, each successive point on each curve is
calculated from the previous point by adding the energy recovered from, and the total
cost for each subunit. The origin therefore represents the system before liquid has
entered the first subunit, the next point the cost and energy recovered after the first
subunit and so on. The Figure shows that for a relatively low cost, a large quantity of
energy is recovered from the first subunit, with returns diminishing from that point to
the final subunit. Figure 8.8 shows the same data for cumulative system process
energy and is interpreted similarly.
The Figures confirm that a significant amount of the fuel potential of the methane can
be desorbed at high outgoing gas phase methane concentrations for relatively small
costs and energy uses. This suggests the possibility of a hybrid system featuring a rich
desorption cascade (possibly consisting of a single tower) to extract methane at a high
concentration to be upgraded to vehicle fuel, followed by a desorption to low
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concentration and subsequent oxidation in an RTO. Whether such a system is
ultimately more favourable can be shown by a detailed economic and performance
analysis, considering the requirements of the wider system.

8.5 Conclusions
Table 8.3 shows the minimum process energy used in rich packed tower cascades.
This yields an energy balance that is unfavourable compared to the energy balance for
weak packed tower cascades. However it is possible that an exergy analysis if carried
out would favour the rich cascades. For cascades desorbing to higher concentrations
than those shown in the Table minima were not found, and if they exist they occur for
very high total system costs.
Table 8.3: Minimum Process Energy Use by Rich Packed Tower Cascades

Outgoing Gas Phase M i n i m u m
P r o c e s s Number of Subunits for
Methane Concentration Energy Use [kJ/s]
which Minimum Occurs
[mol fraction]
0.28
7.5
5
0.33
8.75
7
Table 8.4 shows the minimum total system cost for rich packed tower cascades. For
low concentrations the cost is not dramatically greater than for the weak packed tower
cascades. If methane from the rich packed tower cascade is upgraded to gas of vehicle
fuel quality this cost disadvantage may be turned to an advantage by the greater value
of the displaced resource in the case of the rich packed tower cascade. These costs are
also such that a hybrid system featuring a weak desorption cascade with an RTO and
a rich desorption cascade may be economically and GHG emission favourable in a
more detailed systems analysis.
Table 8.4: Minimum Total System Costs for Rich Packed Tower Cascades

Outgoing Gas Phase Minimum Total System Number of Subunits for
Methane Concentration Cost [SEK/m3]
which Minimum Occurs
[mol fraction]
0.28
0.63
5
0.33
0.74
6
0.41
1.02
8
GHG emissions due to the system assuming average Swedish grid electricity are only
marginally greater than those for the weak packed tower cascades. If the methane
desorbed in these cascades is upgraded to vehicle fuel quality the total quantity of
GHG emissions over the entire system will be smaller because of the greater GHG
emission intensity of displaced vehicle fuel.
The results of calculations for the rich packed tower cascade are hypothetical in light
of the likelihood for carbon dioxide desorption simultaneous with methane desorption
from “real” UASB outflow water. [Watten, 1990] developed a calculation system for
packed tower mass transfer with many non-inert species that could be applied to this
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situation. Before pursuing this design it is important to make direct measurement of
the carbon dioxide concentration of wastewater exiting the UASBs.
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CHAPTER 9: BUBBLE COLUMN CASCADE RICH
DESORPTION SYSTEM: DESIGN, COST AND PERFORMANCE
PARAMETER CALCULATION
9.1 Aim
The aim of the work carried out in this Chapter is to add to the procedure developed
in Chapters 5 and 7 to carry out comprehensive dimensioning, performance analysis
and total cost calculation for a methane desorption system consisting of a cascade of
bubble columns where each subunit features a gas recycle system, under initial
conditions appropriate for wastewater exiting UASBs at the proposed full-scale
wastewater treatment plant at Hammarby Sjöstad, and with an exiting gas phase
methane concentration of 0.33 [mol fraction]. The sensitivity of system variables to
subunit dimensions will be evaluated, with brief consideration given to the number of
subunits.

9.2 Introduction
Figure 9.1 shows a schematic of the system for which a design procedure is carried
out in this Chapter. The desorption system consists of a cascade of bubble columns
arranged in counter-current configuration. In this system it is intended that the
methane concentration in the gas phase exiting the last bubble column subunit in the
cascade be 0.33 [mol fraction]. This enables a comparison with the rich packed tower
system calculations, but leaves open the possibility for further calculations for this
type of system.
As shown in Figure 9.1, each subunit features a gas recycle loop. Were such a loop
not installed, the quantity of gas flowing through the system, as determined by the
incoming and exiting gas and liquid methane concentrations for the rich desorption
proposed, would be so low that there would be as a consequence a very small
interfacial area for mass transfer of methane across the phase boundary. Consequently
the bubble column height that would be required would be impractically high. As
shown in the Figure, the recycle loop means that although the driving force for mass
transfer is decreased, the interfacial area for mass transfer is conversely increased so
that a reasonable tower height can be achieved in the design.
It is assumed that this system will require the same auxiliary equipment as the weak
bubble column cascade; a blower for each subunit to overcome gas phase pressure
drop due to the liquid column, and a single water pump for the entire system.
The same basic calculation procedure is used in this Chapter as that represented in
Figure 5.2. As with all other cascade systems, each bubble column subunit is
dimensioned and costed separately in light of the independent variables for the entire
system. Correspondingly, the same equation set as that developed in Chapter 7 is used
to determine incoming and exiting methane concentrations for each bubble column
subunit from the independent variables assumed for the entire system.

97

Gas out
System Boundary

Gas
Recycl
e

Wastewater
out

Blower

Wastewater
Pump

More units identical to those
shown can be added

Wastewater in

Air in

Figure 9.1: Schematic of Packed Tower Cascade for Rich Desorption.

Dimensioning, performance analysis and costing is carried out for each subunit using
an EES program similar to that used for the same procedure in the weak bubble
column cascade in Chapter 7. This new program is called “Rich Bubble Column
Cascade”. The changes made specific to this design are described below.

9.3 Method
9.3.1 Independent Variables and Physical Assumptions
The initial conditions are the same as those given in Table 5.1, with the obvious
exception that the methane concentration of the exiting gas phase is assumed to be
0.33 [mol fraction] as stated above. As for the other cascade designs, the methane
concentrations for the phases entering and exiting the single packed tower given in
Table 5.1 are interpreted in this Chapter as methane concentrations for the phases
entering and exiting the first and last subunits of the entire cascade respectively.
Additionally, for this system that includes a gas recycle in each subunit, the incoming
gas phase concentration is interpreted as the concentration of the gas stream before
mixing with gas from the recycle loop.
As with the weak bubble column cascade, the design procedure for each bubble
column subunit is performed at the average pressure within the subunit. The pressure
at the liquid surface is meanwhile assumed to be atmospheric pressure, as given in
Table 5.1.
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Meanwhile, it is simply assumed that the bubble column features a sparger of a
standard sintered plate design, and that the liquid phase in each bubble column
subunit is fully mixed, while the gas phase moves in plug flow.
The addition of the recycle loop introduces the recycled gas flow as another variable
of the system. In the following design, therefore both subunit diameter and liquid
height are set as independent variables. The values and combinations of these
variables for which systems are designed in this Chapter are shown in Table 9.1. In
any given cascade, liquid heights and diameters are identical for all subunits in that
cascade. The recycled gas flow is therefore determined by calculation from these
independent variables. System designs are carried out for cascades with 8 subunits,
but cascades with 6 and 10 units respectively are also considered briefly for the sake
of comparison.
As with the packed tower rich desorption cascades in Chapter 8, desorption and
absorption of species other than methane that are present in the system, namely
carbon dioxide in the wastewater and the constituents of air, is likely to have an
impact on the final system design. As with Chapter 8, these factors are ignored for the
sake of simplicity, though it is noted that they will affect the final system design.

Table 9.1: Subunit Dimensions for Rich Bubble Column Cascades

Subunit Diameter [m]
0.6
0.8
1.0
1.5
2.0

Subunit Height [m]
1
2
4
x
x
x
x
x
x
x
x
x
x
x
x

9.3.2 Liquid and Gas Phase Conditions at Entrance and Exit of Subunits
Calculation of incoming and outgoing methane concentrations for each subunit is
performed in this design procedure using an equation set identical in form to that used
for the weak bubble column design carried out in Chapter 7 based on the same
assumptions. This new equation set is solved in an EES program called “Rich Bubble
Column Subunit Concentrations”.
As stated above, subunit height is treated as an independent variable in this design,
and therefore solutions for this equation set can be solved analytically, with no
manual iteration required.
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9.3.3 Dimension and Performance Calculation Procedures

9.3.3.1 Bubble Column Subunit Dimension Calculation
Due to the designation of subunit height and diameter as independent variables of the
system, the remaining parameter to be determined is the recycle rate of the gas phase
for each subunit. Having said this, equations relating phase flow rates and other
parameters to subunit dimensions are nonetheless required. To this end, the same
expressions as used in the calculation procedure for the weak bubble column cascades
are used: The method of the height of a transfer unit/number of transfer units together
with Yoshida’s expressions for mass transfer coefficients and interfacial area.
EES has difficulty in directly calculating a gas recycle rate from this set of equations,
and a manual iteration procedure is used. In this procedure, the user inputs a value for
the gas recycle rate for a given bubble column subunit, and the EES program “Rich
Bubble Column Cascade” to calculates a liquid height for the subunit. Successive
iterations are performed to reach the desired accuracy, ±0.02 [m] of liquid height.

9.3.3.2 Performance Parameter Calculation
Performance parameters for this system are calculated in the same way as for Chapter
8.
9.3.4 Annual Cost Calculation
Annual cost calculation for each bubble column subunit is carried out simultaneously
with dimensioning in the EES program “Rich Bubble Column Cascade”. The
procedure is of course very similar to that used for the weak bubble column cascade
designed in Chapter 7.
Having said that, for each subunit in this design, it is assumed that the operation and
maintenance costs and the overhead cost are respectively one quarter of the values
assumed for these variables for the single packed tower system in Chapter 5. This is
to reflect the reasonable assumption that these annual costs should not increase
directly proportionally to the number of subunits. By comparison with those values
for the same cost categories used for these variables in the design of the rich packed
tower cascade, this assumption also reflects the fact that a bubble column should
require less user attention than a packed tower.
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Table 9.2: Subcategories used in Annual Cost Calculation for Bubble Column Subunits in this Chapter.

Category
Annual Capital Cost

Value
assumed)
N/a

Annual Electricity Cost

N/a

( i f Comment

Annual Operation and 4875 [SEK/year]
Maintenance Cost

Annual Overhead Cost

2925 [SEK/year]

Annual Tax, Insurance N/a
and Administration Cost

Annuity method applied to total capital
investment. Total capital investment
calculated using functions for bubble
column
Identical procedure to that used in Chapter
5: calculated from pump/blower power
requirements and assumed constant unit
price for electricity.
Value for each subunit in cascade

Value for each subunit in cascade

4% of total capital investment. Total capital
investment calculated using functions for
bubble column
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9.4 Results and Discussion
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Figure 9.2: Average Superficial Velocity in Subunits of Rich Bubble Column Cascades for Small
Diameter Columns
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Figure 9.3: Average Superficial Velocity in Subunits of Rich Bubble Column Cascades for Medium
Diameter Columns

Figures 9.2 and 9.3 show the average superficial velocities calculated for the cascades
as functions of subunit number within the cascade and subunit liquid height. Figure
9.2 shows systems designed with different but small subunit diameters, whilst Figure
9.3 shows systems with slightly larger diameters, a constant 1.5 [m]. Comparing the
two Figures reveals that for units with smaller subunit diameters, larger velocities
(caused by larger recycle rates) are required. This is due to the fact that lower subunit
diameters imply lower liquid hold-up, reducing mass transfer rates. To compensate
for this, a higher interfacial area for mass transfer is required, leading to increased
requirement for gas phase recycling in each subunit.
That the curves in both figures have hyperbolic shape is not currently understood,
though it is considered that it is related to the overall calculation method used for the
cascade. Specifically, it may be due to the fact that the liquid phase concentrations at
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which each subunit operates are determined before considering the gas phase recycle
rate.
Meanwhile, the chief significance of these Figures is to demonstrate that for the
systems where 1.5 [m] columns are used, the superficial velocities remain entirely
within the suitable hydrodynamic limits for bubble column operation, while for the
0.6 [m] diameter systems, the subunits at operating at high concentration were
calculated to require superficial velocities in excess of the quoted suitable limit for
bubble column operation of 0.5 [m/s].
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Figure 9.4: Total System Energy Use for Rich Bubble Column Desorption Systems

Figure 9.4 shows the total process energy use for the system configurations
considered. Referring back to Figures 9.2 and 9.3 the high energy use for small
diameter systems is clearly due to the greatly increased requirement for gas recycling
in these systems. Meanwhile, for larger diameter systems, the energy use is lower,
though never as low as energy requirements for rich packed tower systems desorbing
to the same final methane concentrations shown in Figure 8.3.
In light of the energy use data given in Figure 9.4 it is easily stated that GHG
emissions for the rich bubble column systems considered are somewhat greater than
those for the corresponding rich packed tower system. Of course, assuming Swedish
average grid electricity the GHG emissions from the total system are not much greater
than those occurring from lost methane, while assuming electricity from coal plant
GHG emissions even for the systems with lower energy use are about 0.35 [kg
CO2/kWhthermal] approaching the same GHG emissions per unit thermal energy as that
for coal.
Figure 9.5 demonstrates that the minimum total system cost for the rich bubble
column cascade is slightly lower than costs for equivalent packed tower systems. The
fact that minima are observed for these data is also important. The Figure suggests
that for the calculation method used, the minimum cost occurs for systems with
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subunits 2 [m] high. Secondly, for each subunit height used for calculation, a
minimum is shown. These minima are considered to occur because for decreasing
subunit diameter, capital costs for the system decrease, while as shown in Figure 9.4
energy use increases significantly.
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Figure 9.5: Total System Cost for Rich Bubble Column Cascade

Meanwhile, Figure 9.6 shows cumulative energy use/energy recovery plot for a
certain system design. It is clear that energy use due to the high concentration
subunits is greater that those for low concentration. As shown above, this energy use
is largely dependant on blower requirements that may occur due to the calculation
method used to determine the recycle rate required. A more carefully considered
calculation method than that used, or indeed consideration of subunits of different
diameters in the same system may reduce the energy consumed by the system. A
system designed so that energy use for each subunit were equal to the energy use of
the final subunit would have a total energy requirement of 10.8 [kJ/s] instead of 14
[kJ/s] as for the current system.
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Figure 9.6: Cumulative energy use in a Rich Bubble Column Cascade with Subunit Height 2 [m] and
Diameter 1.5 [m].
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Figure 9.7: Total System Cost for Rich Bubble Column Cascades as a Function of Number of Bubble
Column Subunits in the System.

Finally, Figure 9.7 shows the results of calculations performed for systems with 6 and
10 subunits, compared to those for systems with 8 subunits. This shows that the
calculations performed for the systems in this Chapter (for which 8 subunits are
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assumed as a constant value) and form the basis of the results shown, are carried out
at or around the minima for cost for the calculation method used.

9.5 Conclusions
According to the calculation procedure used the minimum total system cost for
cascades consisting of 8 subunits is 0.61 [SEK/m3 wastewater]. It occurred for a
subunit height of 2 [m] and diameter of 1 [m], lower than the cost for the equivalent
rich packed tower cascades.
As with the comparison of weak cascade systems previously, performance parameters
for GHG emissions and process energy use in the rich bubble column cascades are in
general worse than for the corresponding packed tower systems. However, that the
performance is within less than an order of magnitude of the packed tower
performance means that further study of the rich bubble column cascade is
reasonable.
The calculation method used to determine the incoming and outgoing concentrations
for the phases was the same as that used for the weak bubble column desorption. A
better method should be developed that takes into account the gas phase recycling in
the rich bubble column cascades.
Finally, as for the rich packed tower cascades the results of the calculations are
hypothetical and dependant on how much carbon dioxide is simultaneously desorbed
from real wastewater. It is further noted that the higher liquid hold-up in bubble
columns in general may lead to greater carbon dioxide desorption in bubble column
systems than in packed tower systems.
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CHAPTER 10: DISCUSSION
A satisfactory procedure for the direct measurement of methane concentration was
developed. This procedure showed that liquid exiting the UASBs at Hammarby
Sjöstads Reningsverk pilot plant Line 4 was oversaturated with methane in orders
ranging up to 180 [%] of the theoretically calculated saturation concentration.
Meanwhile it was shown that a large proportion of the methane was desorbed already
in the mixing tank and in the degassing unit. These measurements were significant
because they justified the incoming liquid phase methane concentrations that were
used in the design calculations performed subsequently in the project. They are also
important in connection with other data to inform the overall energy balance and
GHG emissions performance for the UASBs and Line 4. Discussion of the further
significance of liquid phase methane concentration exiting the UASBs is carried out
in Addendum 2.
The initial literature search for neutralisation methods for the liquid phase methane
revealed 3 main types of system. While a promising technology, it was considered
that in situ oxidation is a process still in development stages. Meanwhile, removal of
methane by biological oxidation in a denitrification process was also considered to be
a technology yet to reach a commercial stage. Having said that Eq. 3.2 shows that
0.625 [mol CH4/mol N] are required for complete reaction. This is larger than the
estimated molar ratio of the species in the wastewater of 0.41 [mol CH4/mol N],
calculated using approximate real values of 60 [mg N/L wastewater] (approx 7x10-5
[mol fraction]), and 3.19x10-5 [mol fraction] methane. That they are of the same order
of magnitude is nonetheless promising for this option.
In light of the large body of literature documenting the systems’ use for analogous
applications, it was decided after the initial literature search for focus the work on a
system where the methane is desorbed from the liquid in a traditional gas-liquid
contacting device to an intermediate gas phase for subsequent oxidation. Packed
tower contacting devices are widely used for VOC desorption, with subsequent
oxidation performed in a regenerative thermal or catalytic oxidiser. Meanwhile a
cross-flow bubble column cascade for methane desorption from landfill leachate has
been developed by Enviros Consulting Ltd. None of the systems found in the
literature considered specifically the desorption of methane for subsequent oxidation.
Therefore the work presented is considered at the time of writing to be entirely unique
research. The systems developed are therefore also entirely novel.
After deciding to focus on these technologies, a further literature search was
performed to assess the appropriateness of different desorption units for the
conditions at a full-scale wastewater treatment plant at Hammarby Sjöstad and the
desired methane neutralisation. This search considered packed towers, bubble
columns, spray towers and plate towers. Results from ideal gas phase flow
calculations based on a mass balance indicated that the desired methane desorption
required gas to liquid volumetric ratios of 7x10-2 [-] for desorption to high gas phase
concentrations and about 3 [-] for desorption to a concentration of 0.0125 [mol
fraction] (one quarter of the lower explosion limit for methane in air). These low
values for gas to liquid volumetric flow ratio are due to the fact that methane is
relatively insoluble in water compared to substances such as carbon dioxide and
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VOCs. Though this fact makes methane desorption easy from a mass transfer point of
view, it makes it very unusual from a hydrodynamic point of view. In particular, there
is not sufficient evidence in the literature to support the possibility of operating a
single desorption unit, capable of achieving the desired outgoing liquid phase
methane concentrations, in a strict counter-current plug flow configuration.
In light of this impossibility, it was decided that two broad groups of systems would
be further considered: On the one hand packed tower counter-current cascades (where
in each subunit it was assumed that the gas phase was fully-mixed) and on the other
hand, bubble column counter-current cascades (where in each subunit it was assumed
that the liquid phase was fully mixed). Interestingly, in spite of these mixing
assumptions it was still in fact possible to design a system with a single unit to
perform the required methane desorption. For each type of system, designs for
desorption to outgoing gas phase concentrations of 0.0125 and over 0.28 [mol
fraction] respectively were performed.
In light of the results from the previous calculations, the packed tower was considered
preferable to the plate tower because it had been shown in the literature to remain
functional under flow conditions present for the desired methane desorption.
Meanwhile, the impossibility of counter-current configuration for any system
essentially meant that the problems of liquid phase mixing that occur in a bubble
column did not place this technology at a significant disadvantage to the other
systems considered.
Significant comparison of the operational reliability of the two types of system was
not possible. Having said that the packing in the degassing unit at Hammarby Sjöstads
Reningsverk pilot plant was observed to determine whether or not significant particle
deposition occurred that may prevent operation of the packed tower. Figure 10.1
shows a photograph of the state of the packing immediately after opening the unit and
illustrates that no particle deposition had in fact taken place after many months of
uninterrupted operation under conditions present at the pilot plant.
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Figure 10.1: Packings in Degassing Unit at Hammarby Sjöstads Reningsverk pilot plant Line 4.

One of the implicit advantages of calculation-based design of a packed tower is that
accurate design can be performed based on a simple theory of mass transfer.
Parameters based on correlations have been consistently confirmed to be within ±30%
of real values. Dimension parameters calculated with the method developed in this
report compared well with similar calculations performed by [Gillett; 2005]. The
results produced by this procedure for the weak packed tower cascades can therefore
be considered adequate pre-final design parameters. Having said that it is important to
investigate in detail how the operational range of the system designed, in terms of the
gas to liquid volumetric ratio, affects the accuracy of the design procedure.
By contrast, the simple construction of the bubble column makes design a procedure
that is best performed with some reference to real data, e.g. [Enviros Consulting Ltd,
2006]. Results generated for both bubble column systems cannot be considered to be
as accurate as those for the packed tower systems. Comparison calculations with data
for the Enviros Consulting Ltd. pilot scale cross-flow bubble column cascade showed
that the calculation method developed evaluated system dimensions to within about
an order of magnitude of the real dimensions of the Enviros cross-flow cascade pilot
system.
Meanwhile the cost calculation procedure for the packed tower was performed using
an adaptation of the method developed in [Barbour, 1995] for gas absorption packed
towers. This method was considered appropriate given the common treatment that is
given to absorption and desorption applications in all texts dealing with packed
towers. The calculated annual costs for the packed tower systems were also shown to
have to breakdown in similar proportions to the example calculation in [Barbour,
1995]. No other calculations to the same level of detail were available.
The bubble column cost calculation was based on the packed tower model, with
appropriate amendments reflecting the simpler design of the bubble column. No
comparison for these calculations has yet been possible.
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Performance parameters calculated for all systems considered are shown in Table
10.1. The design procedures carried out here have been just that. The results produced
are intended to provide a basis for inputs to total systems analysis but are not expected
to provide it in themselves. In particular it is noted that in these designs it was
assumed that the weak desorption systems included an oxidiser whereas the rich did
not.
In general, bubble column system process energy use is slightly higher than that for
the equivalent packed tower systems. Consequently, GHG emissions assuming coal
plant are also higher. Meanwhile, total costs for the bubble column systems are either
slightly higher or slightly lower than for the equivalent packed tower systems. Given
the less accurate nature of the bubble column calculations it is possible that final
design for a bubble column system may improve on the packed tower performances
calculated for all parameters.
Table 10.1: Summary of Calculated Performance Parameters for all Systems.
Weak Packed
Tower
Cascade
(Single
Subunit
including
RTO)

Rich Packed
Tower
Cascade
(6 subunits,
outgoing
concentration
0.33
[mol
frac])

Weak Bubble
Column
Cascade
(4 subunits
including
RTO)

Rich Bubble
Column
Cascade
(8 subunits,
each diameter
1 [m] height 2
[m])

Total System Cost
[SEK/m3 wastewater]

0.47

0.75

0.49

0.6

Total Process Energy
Use [kJ/s]

4.6

8.7

12

20

GHG Emissions
[kg CO2 /kWhthermal]
(Assuming Coal Plant)
GHG Emissions
[kg CO2 /kWhthermal]
(Assuming Swedish grid)

0.15

0.23

0.30

0.45

0.06

0.06

0.06

0.06

In light of the higher resource replacement values for the recovered energy from the
rich desorption systems, though Table 10.1 indicates higher total costs for such
systems they may nonetheless be more economically favourable than the weak
desorption systems according to a wider systems analysis.
The total quantity of energy recoverable from all the systems is roughly the same for
at about 50 [kJ/s]. The comparison between rich and weak desorption systems for
energy use shows that energy use by rich systems is close enough to the energy use by
weak systems to suggest that the exergy balance of rich systems may be favourable.
Finally, the GHG emissions are significantly dependant on whether or not process
electricity is derived from a carbon dioxide neutral source. Even in locations where
the majority of electricity is derived from fossil fuel sources, these days it is normally
possible to take measures that electricity for the desorption systems is derived from
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non-fossil fuel sources. Failing that, it may even be possible to envisage construction
of a small wind turbine or in sunny locations PV cells as part of the system to
generate process electricity. Even if the costs for such a system were higher than the
costs for grid electricity, due to the low cost due to energy for the
desorption/oxidation system, this should not increase overall cost dramatically.
Consideration of reduced outgoing liquid phase methane concentration for a weak
packed tower desorption system showed that it is important to use a system featuring
more than one subunit for higher overall removal efficiencies, due to the assumption
that the gas phase in the subunits is fully mixed.
Increasing the overall removal efficiency for the entire desorption/oxidation system
from 0.97 to 0.985 (by increasing the total quantity of methane desorbed by the
system), total system cost was shown to increase by 15%, and energy use by 20 %.
Having said that, when clean electricity is used, total GHG emissions due to the
system were found to decrease in proportion to the quantity of methane released to the
atmosphere. The total GHG emissions were also found to be significantly dependent
on the destruction efficiency of the RTO, suggesting the importance of further study
of the RTO operating parameters.
One simplification that is of significance is the assumption used for all the
calculations that methane is the only species that can transfer between phases. Having
said that, the real water exiting the UASBs contains quantities of carbon dioxide that
are at least on the same order of magnitude as the quantities of methane dissolved in
the wastewater. Since air is so much in excess in the weak desorption systems
considered, this should not significantly affect the calculations performed for such
systems in this project.
This is not the case for the rich desorption systems, in which carbon dioxide
concentration in the wastewater and how it desorbs may be significant to the overall
design. The calculations performed for these systems are not conclusive until
procedures have been developed to take these factors into account. It is considered an
advantage, nonetheless of a packed tower in this instance that the liquid hold-up in
such a device is relatively small. This is due to the fact that carbon dioxide may be
desorbed from liquid by a chemical as well as physical process in the liquid
[Lindberg, 2003]. Reducing liquid hold-up reduces the influence of this reaction.
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CHAPTER 11: CONCLUSIONS
Currently the best-suited type of system for wastewater exiting UASBs on a full-scale
local wastewater treatment plant for Hammarby Sjöstad are desorption systems.
A packed tower system was designed capable of performing the required desorption
with physical dimensions 1.10 [m] diameter, 5.1 [m] packed height and 9.1 [m] total
height. The system was designed to desorb methane to an outgoing gas phase
concentration of 0.0125 [mol fraction] in air with subsequent oxidisation performed in
a regenerative thermal oxidiser (RTO). The total cost of this system was calculated to
be 0.47 [SEK/m3 wastewater] with the RTO giving an output of flue gas at 340 [oC]
for an overall thermal energy output of 47 [kJthermal/s]. The total system process
energy use was 4.6 [kJel/s]. GHG emissions expressed as a ratio of the energy
recovered from desorbed methane (assuming Swedish average grid electricity) were
0.06 [kg CO2/kWhthermal], roughly one quarter of the equivalent value for natural gas
combustion.
Further systems designed with weak packed tower cascades showed that assuming
electricity with low GHG emissions, significantly lower total GHG emissions can be
achieved at small increases in total system cost and process energy use.
Weak bubble column cascades were shown to have comparable costs but slightly
worse process energy use and GHG emissions than weak packed tower cascades.
Since all the parameters were of the same order of magnitude, weak bubble column
cascades are worthy of further study.
Rich desorption cascade systems with both packed towers and bubble columns were
designed to desorb methane to outgoing gas phase concentrations of greater 0.28 [mol
fraction]. Costs for such systems were at least 20% higher than those for the
corresponding weak desorption systems, and process energy use was 90% greater
than that for weak desorption systems. These deficits are of a magnitude that they
may be offset by the higher exergetic value, displaced resource value and displaced
GHG emissions of the high concentration methane produced in the rich desorption
systems.
The results presented here give values for parameters that will be significant to an
overall systems analysis of the UASB reactors system and the wastewater treatment
system of which they are a part. Of particular interest in the systems analysis is a
more specific quantification of the total amount of methane exiting the UASBs in the
liquid phase that needs to be destroyed than that which is attempted in this report.
This is currently being considered [Hellström, 2006] in light of (amongst other things)
the actual proportions of methane exiting the UASBs in the liquid and gas phases
respectively as analysed with respect to a reference aerobic wastewater treatment
system, and is described in Addendum 2.
The parameters calculated for the weak packed tower systems constitute pre-final
design values. The contact address for Koch-Glitsch, a company producing packed
tower systems for all applications is given in the Appendix F.
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Meanwhile, the issue of dissolved carbon dioxide needs to be understood if high
methane concentrations are desired in the exiting gas phase. Direct measurement of its
concentration on the Hammarby Sjöstads Reningsverk pilot plant Line 4 will be
important for this. Development of a mass transfer model that better reflects the real
concentrations of species present in the wastewater will also contribute to a better
design for a rich desorption system.
The bubble column designs in this report use simple models compared with other
bubble column calculation methods e.g. [Lindberg, 2003]. A study dedicated to
bubble column performance would be able to develop bubble column estimates with
greater accuracy than those that have been possible in this project.
Enviros Consulting Ltd. have considerable experience with bubble column cascades
for desorbing methane. Contact details for the company are given in Appendix F. To
achieve the higher concentrations even for a weak desorption system the Enviros
systems need to be adapted from cross-flow cascade configuration to counter-current
cascade configuration.
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APPENDIX A: INITIAL ESTIMATE FOR QUANTITY OF
METHANE REQUIRED TO BE NEUTRALISED
Simple molar analysis assuming complete combustion reveals that the Greenhouse
Gas (GHG) emission due to natural gas combustion (assumed for simplicity as pure
methane) is 2.75 [kg CO2/kg CH4 combusted]. Meanwhile, the relative GHG emission
due to release of methane to the atmosphere is 23 [kg CO2/kg CH4 released]. The ratio
of these two values expresses the quantity of methane that can be released to the
atmosphere such that its relative GHG emission is equal to that that would occur if the
same quantity of fossil methane were combusted:

2.75
= 0.12 [kg CH 4 released/kg CH 4 combusted]
23

€

Therefore, in the case where methane recovered from the liquid phase is used to
replace the fossil natural gas, if 0.12 [kg CH4] are released for every [kg CH4] that is
recovered from the liquid phase, the overall environmental benefit for the system
from a GHG emissions perspective is nil. However, as for methane that exits the
UASBs in the gas phase, it is desired that the GHG emissions due to the system are
25% of those that would occur were a fossil fuel (for the sake of this estimate
assumed to be fossil methane) used instead of biogas. The quantity of methane that
may be released is therefore calculated as follows:

25
× 0.12 = 0.03 [kg CH 4 released/kg CH 4 combusted]
100

€

Eq. A1.1

Eq. A1.2

Since the quantity of methane that may be released is small with respect to the
quantity of methane that may be combusted in the result of equation A1.2, this value
is assumed for the purposes of this estimate to be equal to the proportion of the sum of
the methane exiting the UASBs in the liquid phase that may be released to the
atmosphere to achieve the stated environmental goal of 25% of the GHG gas
emissions that would occur if fossil natural gas were used as a fuel. Therefore, it is
desired that at least 97% of the methane exiting the UASBs in the liquid phase be
neutralised by the system to be designed.
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APPENDIX B: EXPERIMENTAL PROCEDURES FOR
MEASUREMENT OF METHANE CONCENTRATION IN
WASTEWATER ON LINE 4 OF HAMMARBY SJÖSTADS
RENINGSVERK PILOT PLANT
B.1 Equipment
The following equipment was used to perform the experiments:
• 118 ml serum bottles sealed with black Teflon septums and aluminium crimp
seals, evacuated according to the procedure outlined below.
• 28 ml vials sealed with black Teflon septums and aluminium crimp seals, filled
with pure N2.
•

60 ml syringe, 1 ml syringe.

•

Hypodermic needles of various sizes.

•

Sample collection fittings, described below.

•

Plastic beakers.

•

Electronic thermometer.

The following instruments were used for sample analysis:
• Chrompak model CP 9001 Gas Chromatograph with Hayesep-R column of
dimensions 2.5m x 1/8 fitted with a flame ionisation detector.
•

Greinsinger Electronic GMH 3110 pressure meter.

The following gases were used during the procedure:
•

GC gas standard: Air liquide N35 99.9% methane.

•

GC carrier gas: pure helium.

•

Pure N2.

B.2 Sample Collection Fittings
The aim with the sample collection fittings was to prevent sample liquid from coming
into contact with external air during the collection procedure. In coming into contact
with external air, it was possible that methane was desorbed from the sample before
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entering a sealed sample bottle, therefore giving an inaccurate result lower than the
real concentration. Earlier attempts to measure the liquid phase methane concentration
had allowed significant contact with external air before the sample was placed in the
bottle. Analysis of these samples yielded concentrations of about 50% of saturation
concentration.
For sampling points 1., 2., and 3. As shown in Figure 2.1, the fitting shown in Figures
B.1 and B.2 was used.

Figure B.1: Sampling fitting used for sampling points 1, 2 and 4.

One end of the fitting shown in Figure B.1 consists of a rubber hose of a suitable
inner diameter to achieve a watertight seal over the spigot at sampling points 1., 2. or
4. The other end of the fitting consists of a normal Y-tube, splitting the hose into two.
One outlet from the Y ends in a hypodermic needle that is inserted through the septa
of the sample bottles. Meanwhile the other outlet of the Y acts as a liquid bypass to
allow the flow of liquid through the entire fitting at all times.

Figure B.2: The sample collection fitting is attached to the spigot on UASB 1.
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The second sample collection fitting is shown in Figure B.3. It was used to collect
samples from sampling point 3, where the absence of any spigot required that the
liquid sample be drawn from the mixer tank hatch. As indicated in Figure B.3, the
centre of the fitting is the three-way adapter, where the position of a lever is changed
to connect any two, or all three of the adapter inlets. This adapter allows for fluid to
be drawn from the mixing tank hatch with the syringe. After changing the adapter to
the appropriate position, fluid in the syringe can then be transferred separately a
sample bottle. Filling of a sample bottle is shown in Figure B.3.

Figure B.3: Sample collection fitting for sample point 3.

B.3 Sample Collection
The following method was used to collect samples from sampling points 1., 2. and 4.
as shown in Figure 2.1.
1. The sampling hose was attached with a hose clamp to the desired point for
sampling.
2. Wastewater from the desired sampling point was allowed to flow through the
special sampling fitting shown in Figures B.1 or B.2 for about 30 seconds. This was
to allow any air bubbles to escape from the tubing and fittings and in the case of the
UASBs to avoid taking as sample water stagnant water that had been in the downflow
pipes to the spigots for a long time.
3. The point of the large-gauge hypodermic needle on the sampling hose was pushed
through the seal of an evacuated 118 ml bottle.
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4. The bottle filled with liquid by the action of the pressure difference between the
inside of the bottle and the pressure of the liquid (this is the difference between the
total pressure outside the bottle and the pressure inside the bottle).
5. At the point where liquid no longer flowed into the bottle (due to the equalisation
of pressure between the inside of the bottle and the pressure of the liquid) the
hypodermic needle was withdrawn from the 118 ml sample bottle. This normally
occurred with about 100 ml of liquid in the bottle.
6. Wastewater flow through the sampling hose was shut off.

Samples from the mixing tank, sampling point 3. were collected in the following way:
1. The end of the sampling hose shown in Figure B.3 was dropped into the liquid
through the access port such that the end of the hose was approximately 20 cm deep
in the liquid.
2. With the variable three-way connector in the appropriate position, liquid was drawn
into the 60 ml syringe. Care was taken to avoid gas bubbles in the syringe.
3. The switch on the variable three-way connector was rotated quickly and carefully
to the appropriate position to connect the syringe to the hypodermic needle shown in
Figure B.1.
4. Light pressure was applied to the plunger of the syringe to push liquid to the tip of
the hypodermic needle.
5. The tip of the needle was pushed through the rubber seal of an evacuated 118 ml
sample bottle. As with the other sampling method, the difference in pressure between
the atmosphere and the inside of the bottle caused liquid to flow into the bottle from
the 60 ml syringe.
6. On the first filling of the syringe, the initial vacuum in the 118 ml bottle was such
that the syringe was completely emptied of liquid when it was connected via the
hypodermic needle to the sample bottle. The syringe was filled again by rotating the
variable three-way connector quickly and carefully to the appropriate position and
repeating Steps 1. to 4. above.
7. On the second filling of the syringe, pressure in the bottle equilibrated with
atmospheric pressure with a total of about 100 ml of liquid in the sample bottle. At
this point the syringe was quickly and carefully removed from the bottle, as in the
other sample collection method.
On each sampling occasion, six samples each were taken from each of the four
sampling points. Finally, after gathering all the samples on a particular occasion, the
temperature of the water at each sampling point was measured by collecting about
300 ml of liquid from a given sampling point and measuring the temperature with a
standard electronic thermometer.
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B.4 Post-Treatment of Samples
For a set of six samples from a given sampling point, the following dilution procedure
was carried out on three of the samples immediately after collection. The other three
were stored for twenty-four hours, at which point the identical procedure was carried
out for them, except that they were shaken for 1 hour on a mechanical shaker instead
of for three minutes by hand.
1. A 118 ml bottle containing sample liquid was shaken by hand for 3 minutes.
2. The total pressure in the headspace inside the bottle was measured with the
Greinsinger pressure meter.
3. A 1 ml gas sample was extracted from the headspace gas in the sample bottle with
a 1 ml polypropylene syringe fitted with a small-gauge hypodermic needle.
3. The 1 ml gas sample was injected into a 28 ml vial containing pure N2 at 1 atm by
inserting the hypodermic needle through the rubber septum of the vial.
This dilution was performed in order to achieve a methane concentration in the liquid
phase that was suitable for analysis in the Gas chromatograph.
Finally, the exact volume of liquid in each sample bottle was recorded.

B.5 Gas Chromatograph Measurements
The gas chromatograph was operated at an injector temperature of 125oC and a
detector temperature of 250oC. Helium was used as the carrier gas and was introduced
at a flow rate of approximately 18 [ml/min].
For each measurement occasion standard curves for the gas chromatograph were
plotted using gas standards of methane concentration 100%, 75 %, 50%, 25%, 10%
and 5%. The methane used was 99.9% pure N35 methane from Air Liquide.
Finally, the sample was introduced to the gas chromatograph by taking a 0.3 ml of gas
from the 28 ml vial prepared according to the procedure described above.
By linear regression to the standard curves, the mole fraction of methane in the
headspace of the original 118 ml sample bottle was determined.

B.6 Example Concentration Calculation
The following sample calculation was performed for data from a the first sample
taken from UASB 2 that was post-treated for 1 hour on the shaker for sampling
occasion 5. Table A2.1 shows the data that were recorded during the experiment.
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Table B.1: Recorded Data used in Sample Calculation Procedure.

[1]

Methane concentration in sample bottle headspace

0.125 [mol fraction]

[2]

Total pressure in sample bottle headspace

115.2x103 [Pa]

[3]

Volume of water in sample bottle

89 [ml]

[4]

Temperature at time of gas sample extraction from
sample bottle headspace
Original temperature of water at time of sample
collection
Henry’s law constant for temperature in row [4]
Interpolated from values given in [Perry, 1997]
Henry’s law constant for temperature in row [5]
Interpolated from values given in [Perry, 1997]

24 [oC]

[5]
[6]
[7]

20.8 [oC]
4.11x109 [Pa/mol fraction]
3.85x109 [Pa/mol fraction]

The partial pressure of methane in the sample bottle headspace is found by
multiplying [1] and [2] in Table B.1:

0.125 ×115.2 ⋅10 3 = 1.44 ⋅10 3 [mol fraction]

€

The result of this equation together with [6] from Table B.1 gives the liquid phase
concentration of methane in the sample bottle (at the time of gas sample extraction):
1.44 ⋅10 3
= 3.5 ⋅10 -6 [mol fraction]
9
4.11⋅10

€

Eq. B.4

Meanwhile the total number of moles of water in the sample bottle is found from [3]
in Table B.1:

89
= 4.94 [mol]
18

€

Eq. B.3

Using results from equations B.3, B.1 and the temperature in [4] in Table B.1, the
total quantity of methane in the sample bottle headspace is found by the ideal gas law:

pV
1.44 ⋅10 3 × 29 ⋅10−6
N =
=
= 1.69 ⋅10 -4 [mol]
RT 8.314 × (273.15 + 24)

€

Eq. B.2

Meanwhile, the total volume of the sample bottle headspace is calculated by
subtracting [3] from the total volume of the original sample bottle:
118 - 89 = 29 [ml]

€

Eq. B.1
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Eq. B.5

The results of equations B.5 and B.4 are used to find the ratio of moles of methane in
the sample bottle headspace to the moles of methane in the water in the sample bottle:
1.69 ⋅10−4
= 3.41⋅10 -5 [mol ratio] = 3.41⋅10 -5 [mol fraction]
4.94

€

The values for [mol ratio] and [mol fraction] are essentially equal for the low
quantities of methane considered. Finally, the original liquid phase methane
concentration of the sample is found by adding the results of equations B.6 and B.2:

3.41⋅10 -5 + 3.5 ⋅10 -6 = 3.76 ⋅10 -5 [mol fraction]

€

Eq. B.6

Eq. B.5

To find the percentage of theoretical saturation using Henry’s Law and [5] and [7] in
Table B.1, and assuming a methane partial pressure of 81.1 [kPa] in the methane
headspace gives:
3.76 ⋅10−5
× 3.85 ⋅10 9 ×100 = 178 [%]
3
81.1⋅10

Eq. B.6

€
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APPENDIX C: ENVIROS CONSULTING LTD. BUBBLE
COLUMN CROSS-FLOW CASCADE

Figure C.1: Full-scale Cross-flow Bubble Column Cascade for Methane Desorption designed by
Enviros Consulting Ltd [Enviros Consulting Ltd, 2006]. With permission.

Figure C.1 shows the cross-flow bubble column cascade designed by Enviros
Consulting Ltd (UK) to desorb methane from landfill leachate at Red Ross,
Manchester, England and reported in [Robinson, 1999]. The system is designed to
treat liquid flows of up to 40 [m3/hour], removing approximately 99% of methane
entering the system in the liquid phase.
Figure C.2 shows the pilot-scale set-up used by Enviros, Ltd. in designing the fullscale system.
Cross-flow configuration indicates that a separate airflow is pumped through each
desorption subunit in the cascade, as shown in Figure C.3.
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Figure C.2: Pilot Scale Cross-flow Bubble Column Cascade used for Pilot Scale Evaluation of Methane
Desorption by Enviros Ltd. [[Enviros Consulting Ltd, 2006]]. With permission.

Gas Phase Out

Liquid Phase Out

Liquid Phase Out

Gas Phase In
Figure C.3: Schematic of Cross-flow Desorption Cascade.
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APPENDIX D: EXPLOSION LIMITS AND THEIR
SIGNIFICANCE

D.1 Interpretation of Explosion Limits
The explosion limits for methane in air are shown in Table D.1 below.
Table D.1: Explosion Limits for Methane in Air.

Mole fraction methane in air

Lower Explosion Limit Upper Explosion Limit
(LEL)
(UEL)
0.05
0.15

The lower explosion limit should be interpreted as the minimum concentration of a
fuel vapour in air below which a flame is not propagated in the presence of an ignition
source. At concentrations below this level, the mixture is too lean to burn.
The upper explosion limit is the maximum concentration of a fuel vapour in air that
allows a flame to propagate. Above this limit the mixture is too rich to burn.
It is assumed that while conditions inside a desorption unit for the system to be
designed may come within the explosion limits, the outflow gas from the system must
be at a concentration that is a satisfactory safety factor above or below these limits.
For the lower explosion limit this safety factor is 4 [van der Vaart, 1991] and for the
upper it is chosen to be 2.
Industrial fire prevention design is based on the principle of preventing at least one of
the following three conditions from existing in the same space at the same time [Kirk,
1984]:
1. Ignition source: This can either be in the form of sufficient ambient temperature to
initiate combustion or in the form of a spark,
2. Air in sufficient quantities to allow flame propagation,
3. Flammable gas in sufficient quantities to allow flame propagation.
This relationship is often expressed in the fire triangle, shown in Figure D.1.
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Figure D.1: The Fire Triangle

D.2 Ignition Source Prevention
Ignition can occur in two ways:
Firstly, if the ignition temperature is reached. The ignition temperature is defined as
the minimum temperature a mixture has to achieve to cause self-sustained
combustion. For methane this is listed as 905 K [Perry, 1997], a temperature far
higher than operation temperature for the unit. Secondly ignition may occur due to a
spark.
The European Union directive 94/9/EC is aimed specifically at “equipment and
protective systems intended for use in potentially explosive atmospheres”. This gives
a definition of what it calls “own” sources of ignition”:
“Electric sparks, arcs and flashes, electrostatic discharges,
electromagnetic waves, ionizing radiation, hot surfaces, flames and hot gases,
mechanically generated sparks, optical radiation, chemical flame initiation,
compression.”
[Atex, 2005]
In order to ensure none of these ignition sources could be in the vicinity of the
desorption device, it is required that all relevant equipment bear the EU designated
“CE” mark, showing that it complies with the aforementioned directive. Of particular
significance is electrical equipment used for the system, such as motors for pumps or
compressors.
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APPENDIX E: EQUATIONS USED IN DESIGN, COST AND
PERFORMANCE PARAMETER CALCULATIONS
E.1 Desorption Unit Calculation Procedures
E.1.1 Dimension Calculations
The equations used for dimensioning of packed tower and bubble column subunits are
given in Table E.1.
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Table E.1: Equations used in Dimensioning of Packed Tower and Bubble Column Subunits.

Packed Tower Systems
Z mt = NOx ⋅ HOx
Height for
Mass Transfer, Height of a transfer unit/number of transfer units.
Zmt [m]
[McCabe, 2005]

Bubble Column Systems
Z mt = NOy ⋅ HOy
As for packed tower designs, using overall gas phase
parameters [McCabe, 2005]

Overall €
Height
of a Transfer
Unit, HOx or
HOy [m]

P Gx,mol
Hy
H m Gy,mol
[McCabe, 2005]

€

H m Gy,mol
Hx
P Gx,mol
[McCabe, 2005]

Individual
€
Heights of a
Transfer Unit,
Hy, Hx [m]
Number of
Transfer€
Units, NOx or
NOy

ux
k x ae
[McCabe, 2005]

€

As for packed tower systems.

€

Mass Transfer
€
Parameters

HOx = H x +

Hx =

Hy =

uy

HOy = H y +

k y ae

 x − x *
NOx = ln €a

 x b − x *

 Y * −Yb 
1 + Ya 
NOy = ln
 + 0.5 ln

 Y * −Ya 
1 + Yb 

x* is given by:

Y* is given by:

x∗ =

€

Py a
Hm

Onda correlation for liquid and gas phase individual
€
mass transfer coefficients, kx and ky [m/s] respectively
[Trambouze, 1988]:
1

 2

 −2 

1

 
 
 
 
Dx  dN3 g  3  ux  3  ae  3  ν x  2 
0.4
kx = 0.0051  2  
     ( at d N )
dN  ν x   atν x   at   Dx 

Y* =

H m xb
P − H m xb

Total calculation for kxae [s-1]: [Yoshida, 1973]
0.5

 µ 
k x a e Dbub
= 0.6 x 
Dx
 ρx Dx 

€

€
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0.62

 D2bub ρ x 


 σx 

 g D3bub ρ x  1.1

 εy
2
 µx 

Table E1 Cont.

Packed Tower Systems
Mass Transfer
Parameters
Cont.

€

Tower/Column
Diameter, D
€
[m]

1
 
 3

0.7
 Dy  uy   ν y   1 
ky = 5.23 
   

 dN  atν y   Dy   dN at 

4

(
0.2 u y µx  ρ x σ x 2 
=

4 
σx
 g µx 

7 / 24 )

Also Onda uses correlation for interfacial area:

 σ c  0.75  ux  0.1 ux2 at −0.05  ux2 ρ x 
ae
= 1− exp−1.45  
 

 
at

 σ x   atν x   g   σ €
x at 


k y ae = 3

For weak packed tower subunits, use Sherwood
€
correlation from [Piche, 2001]:

(mass transfer resistance very small in the gas phase)
Set as independent variables. For weak bubble column
subunits D=1 [m]. Variable for rich bubble column
subunits as given in Chapter 9.

Ys =

ux
uy, flood

ρx
ρy

uy, flood  ρ y  at  0.2
  µx
g  ρ x  ε 3 

µx expressed in [cP].
€

log10 (Ys ) = −0.2866log 210 ( X s ) −1.0997log10 ( X s ) −1.6784

€

D flood =

134 €

εy

(1− ε )

Xs =

€

Bubble Column Systems
where εy is the gas-phase hold-up given by:

4 Gy
π ρ y uy, flood

y

Table E.1 Cont.

Tower/Column
Diameter, D
[m]
Continued

Packed Tower Systems
D determined from Dflood as that diameter where a gas
phase superficial velocity 70% of uy,flood is obtained.
For rich packed tower subunits, diameter set as
independent variable, D=1.1 [m]

Z tot = 1.4 ⋅ Z mt + 1.02 ⋅ D + 0.86
Total
Tower/Column [Barbour, 1995]
Height, Ztot [m]

Total
D
S = πD Z tot + 
€
Tower/Column

2
Surface Area,
S [m2]

€
Water Pump
Power,
Pwaterpump
[kW]

Bubble Column Systems

Pwaterpump =

Z tot = 1.05 ⋅ Z mt + 0.3

€

G x g  Z mt + Z tot 



2
ηwaterpump 

As for packed tower systems

As for packed tower systems, remembering only one
pump assumed for an entire cascade for bubble column
systems.

ηwaterpump is the total pump efficiency, assumed to be 0.7

€
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Table E.1 Continued

Blower Power,
Pairblower [kW]

€

Packed Tower Systems
ΔP ⋅ V ⋅ Z
Pairblower = pack y mt
ηairblower

Bubble Column Systems
101.325 ⋅ Vy  PBC 
Pairblower =
ln

 101.325 
ηairblower

Where ΔPpack is the pressure drop per unit packed height
assumed to be equal to 0.2 [kPa/m].
€

where PBC is the total pressure at the bottom of the liquid
column in [kPa] given by:

ηairblower is the total blower efficiency, assumed to be
0.7.

PBC =

€
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ρ x gZ mt
+ 101.325
1000

E.1.2 Total Capital Investment Calculations
Total capital investments (TCI) are calculated from purchased equipment costs for the
different types of system. The calculations for purchased equipment cost are shown in
Table E.3 and the calculations for TCI are shown in Table E.2.
Table E.2: Total Capital Investment Calculation Procedure for Packed Tower and Bubble Column
Subunits.

Calculation of the Total Purchased Equipment (TPE) cost as factors of PE:
(1)
Purchased Equipment Cost of Tower, Packing (if
1.00 ⋅ PE
applicable), Pump and Blower
(2)
Instrumentation
0.10 ⋅ PE
(3)
Freight
0.05 ⋅ PE
€
(4)
Sales Tax (MOMS in Sweden)
MOMS-free
(5)
Total Purchased Equipment (TPE) Cost
1.15 ⋅ PE
€
[(1)+(2)+(3)+(4)]
€
Calculation of the Total Capital Investment (TCI) as factors of TPE:
€
(6)
Total Purchased Equipment [(5) above]
1.00 ⋅ TPE
Direct Installation Costs:
(7)
Foundations and supports
(8)
Handling and erection
(9)
Electrical
(10) Piping
(11) Insulation for ductwork
(12) Painting
Indirect Installation Costs:
(13) Engineering
(14) Construction and field expenses
(15) Contractor fees
(16) Start-up
(17) Performance Test
(18) Contingencies
(19) TCI [Sum of (6) through (17)]

€

€
€
€
€
€
€
€
€
€
€
€
€
€

0.12 ⋅ TPE
0.40 ⋅ TPE
0.01⋅ TPE
0.03⋅ TPE
0.01⋅ TPE
0.01⋅ TPE
0.10 ⋅ TPE
0.10 ⋅ TPE
0.10 ⋅ TPE
0.01⋅ TPE
0.01⋅ TPE
0.03⋅ TPE
2.20 ⋅ TPE
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Table E.3: Purchased Equipment Cost Calculation Procedures for Packed Tower Subunits and Bubble Column Subunits.

Purchased
Equipment
cost for Tower,
Column
€
respectively,
PEtower ,
PEcolumn in
[SEK]
Purchased
Equipment
Cost for
Packing,
PEpacking [SEK]
€

Packed Tower Systems
PE tower = 1238 ⋅ S
[Barbour, 1995]

Bubble Column Systems
PE column = 1000 ⋅ S

€

 πD 2

PE packing = UC pack 
Z mt 
 4


Not applicable

Where UCpack is the unitary cost of packing assumed
37x103 [SEK/m3] [Barbour, 1995].

Purchased
Equipment
Cost for Water
Pump,
€
PEwaterpump
[SEK]

PE waterpump = 8262 ⋅ Pwaterpump + 3.3⋅10 4 [Peters, 1991]

As for packed tower units, noting that only one water
pump required for entire bubble column systems

Purchased
Equipment
Cost for Air
Blower,
PEairblower
[SEK] €

For weak desorption systems:
PE airblower = 1.3⋅10 5 Vy

PE airblower = 3.7 ⋅10 5 Vy + 38300 [Peters, 1991] for 60
[kPa] unit.
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[Peters, 1991] for low pressure drop unit

€

Table E.3 Continued

Purchased
Equipment
Cost for Air
Blower,
PEairblower
[SEK] €
Continued

Packed Tower Systems
For rich packed tower systems assumed
PE airblower = 1.0 ⋅10 4 [SEK]

Bubble Column Systems
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E.1.3 Annual Cost Calculation
The annual cost is calculated a sum of separate cost categories:

ACtotal = ACcapital + ACelectricity + ACo,and ,m + ACadmin,tax,insurance + ACoverhead

Eq. E.1

The calculations for the categories are shown in Table E.4 below.

€
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Table E.4: Annual Cost Calculation Procedures for Packed Tower Subunits and Bubble Column Subunits

Packed Tower Systems
Annual Capital Calculated from the Total Capital Investment using the
Cost,
annuity method:
ACannualcapital
ACcapital = a ⋅ TCI
[SEK/year]

Bubble Column Systems
As for packed tower systems.

where a is the annuity rate [-], calculated as:

€
a=

i(1+ i)

(1+ i)

z

z

−1

where z is the system service life.
€

Annual
Electricity
Cost,
ACelectricity
[SEK/year]
€

ACelectricity = 8760( Pairblower + Pwaterpump )UCelectricity

where UCelectricity is the unit electricity cost, assumed to
be 0.8 [SEK/kWh].
Factor 8760 is the operating hours per year – assuming
full time.
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As for packed tower systems.

Table E.4 Continued

Packed Tower Systems
Annual Operation For single subunit system:
and Maintenance
Cost, ACo,and,m
Operation: Assume 0.5 man hours per week, at 250
[SEK/year]
[SEK/hour]
Maintenance: Same as operation

Bubble Column Systems
For weak bubble column cascades a one time cost equal
to that for a single packed tower is assumed irrespective
of the total number of subunits.
For rich bubble column desorption systems, calculated
as 25% of the cost for a single packed tower subunit per
subunit.

Maintenance Materials: Same as operation costs
Estimates yield a total for ACoandm of 19500
[SEK/year]

ACoverhead
[SEK/year]
ACadmin,tax,insurance
[SEK/year]

For systems with more than one subunit the cost per
subunit is assumed to be 50% of this value.
60% of ACo,and,m as calculated for respective system

As for packed tower systems

4% of Total Capital Investment

As for packed tower systems
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E.2 RTO Calculation Procedures

E.2.1 RTO Dimension Calculation
Only the airblower power remains to be determined for the RTO. It is determined
according to the procedure shown in Table E.6.
Table E.5 RTO Air Blower Power Calculation

RTO Blower
Power, Pairblower
[kW]

€

Packed Tower Systems
ΔP ⋅ V
Pairblower = RTO y
ηairblower
Where ΔPRTO is the pressure drop in the RTO and is assumed to be
equal to 4.75 [kPa].
ηairblower is the total blower efficiency, assumed to be 0.7.

E.2.2 RTO Performance Calculation

0.05 ⋅ Qrecycle ⋅ Gy ⋅ h3
0.95 ⋅ Qrecycle ⋅ Gy ⋅ h3

Q€methane

Qrecycle ⋅ Gy ⋅ h3

€

€

Gy ⋅ h1

Gy ⋅ h 2
System boundary 1:
Heat Exchanger 1

Gy ⋅ h 4

Gy ⋅ h 3
System boundary 2:
Combustion Chamber

System boundary 3:
Heat Exchanger 2

Figure E.1: Steady State Idealised Enthalpy Balance for RTO. Separate Balances are Performed for
Heat Exchanger 1, Heat Exchanger 2, and the Combustion Chamber Respectively.

€

€

€

Enthalpy balance is performed for the RTO according to the model shown above. In
order to solve this equation set, it is assumed that the temperature of the flue gas upon
exiting the combustion chamber is 800 [oC]. The gas stream moves from left to right
across the figure, with flow rate and enthalpies as shown. The line connecting heat
exchanger 2 to heat exchanger 1 is an idealised, steady state representation of the
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recycling of heat from exiting flue gas to the incoming gas stream. The factor Qrecycle
is therefore a dimensionless parameter representing the proportion of the enthalpy
entering heat exchanger 2 that is required for gas stream preheating in heat exchanger
1. As shown in the diagram, it is assumed that 5% of the recycled heat is lost, as
indicated by performance specification for the VOCsidizer in [MEGTEC, 2006].

E.2.3 RTO Purchased Cost and Annual Cost Calculations
Tables E.6 and E.7 show purchased equipment costs and TCI for the RTO
respectively. The annual cost is calculated from these values using the same method
and assumptions as for a single subunit packed tower calculation.
Table E.6: Purchased Equipment Cost for RTO.

Purchased
Equipment Cost
of RTO, PERTO
[SEK]
Purchased
Equipment Cost
of blower for
RTO, PEairblower
[SEK]

1x106 [SEK] for 1000 [m3/hour]
unit [Sjögren, 2006]

As for packed tower blower
calculation
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Table E.7: Total Capital Investment Calculation Procedure for RTO [van der Vaart, 2000].

Calculation of the Total Purchased Equipment (TPE) cost as
factors of PE:
Purchased Equipment Cost of RTO and auxiliaries, PE 1.00 ⋅ PE
Instrumentation
0.10 ⋅ PE
Freight
0.05 ⋅ PE
Sales Tax (MOMS in Sweden)
MOMS-free
€
Total Purchased Equipment (TPE) Cost
1.15 ⋅ PE
€
[(2)+(3)+(4)+(5)]
€
Calculation of the Total Capital Investment (TCI) as factors of
€
TPE:
Total Purchased Equipment [(5) above]
1.00 ⋅ TPE
Direct Installation Costs:
Foundations and supports
Handling and erection
Electrical
Piping
Insulation for ductwork
Painting
Indirect Installation Costs:
Engineering
Construction and field expenses
Contractor fees
Start-up
Performance Test
Contingencies
TCI [Sum of (6) through (17)]

€

€
€
€
€
€
€

0.08 ⋅ TPE
0.14 ⋅ TPE
0.04 ⋅ TPE
0.02 ⋅ TPE
0.01⋅ TPE
0.01⋅ TPE

0.10 ⋅ TPE
0.05 ⋅ TPE
0.10 ⋅ TPE
0.02 ⋅ TPE
0.01⋅ TPE
0.03⋅ TPE
1.61⋅ TPE

€
€
€
€
€
€
E.3 Calculation of Incoming and Outgoing
€ Phase Concentrations for

Cascades

Table E.8 shows the equations used to determine incoming and outgoing gas and
liquid phase concentrations for all subunits in a desorption cascade featuring 3
subunits, along with the required input variables for solution of the equation sets.
Equation sets for systems with an arbitrary number of subunits can be made by adding
equations appropriately.
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Table E.8: Equation Sets for Determining Incoming and Outgoing Phase Concentrations for all Subunits in 3 Subunit System from
Incoming and Outgoing Phase Concentrations for Entire System

Assumptions
Continuity

Packed Tower Cascades
Ya1 = Yb 2

Bubble Column Cascades
As for packed tower cascades

Ya 2 = Yb 3
€

xa 2 = xb 3

€

x b 2 = x a1

€

Height Equality and Number
of Transfer Units Height€of a
Transfer Unit Method

€

Henry’s Law
€

€

x a1 − x1 * x a 3 − x 3 *
=
x b1 − x1 * x b 3 − x 3 *

€

H m x b1
Y1* =
P − H m x b1
Hm xb 2
Y2 * =
P − Hm xb 2
Y3 * =

€

0.5
0.5
Y1 * −Yb1 1+ Yb1 
Y2 * −Yb 2  1+ Yb 2 
+
+
 =

Y1 * −Ya1 1+ Ya1 
Y2 * −Ya 2  1+ Ya 2 

x a1 − x1 * x a 2 − x 2 *
=
x b1 − x1 * x b 2 − x 2 *

0.5
0.5
Y1 * −Yb1 1+ Yb1 
Y3 * −Yb 3  1+ Yb 3 
+
+
 =

Y1 * −Ya1 1+ Ya1 
Y3 * −Ya 3  1+ Ya 3 
As for packed tower cascades

€

Hm xb 3
P − Hm xb 3

€
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Table E.8 Continued.

Assumptions
Mass Balance

Packed Tower Cascades
 Y −Y 
Ya1 =  a 3 b1 ( x a1 − x b1 )
 x a 3 − x b1 

€

 Y −Y 
Ya 2 =  a 3 b1 ( x a 2 − x b1 )
 x a 3 − x b1 

€

 Y −Y 
Ya 3 =  a 3 b1 ( x a 3 − x b1 )
 x a 3 − x b1 

€

Input Variables (incoming
and outgoing phase
concentrations over entire
desorption system)
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Bubble Column Cascades
As for packed tower cascades

Note the first term in the brackets on the right hand
side remains constant. This represents the gradient of
the operating line for the counter-current desorption
process with the same inlet and outlet concentrations
over the entire system.

xa3, xb1, Ya3, Yb1

As for packed tower cascades

E.4 Notation
Table E.8: Notation used in Appendix E.

Symbol
a
ACadmin,tax and insurance
ACcapital
ACelectricity
ACo,and,m
ACoverhead
ACtotal
ae
at
D
Dbub
Dflood
dN
Dx, Dy
Gx,mol , Gx
Gy,mol , Gy
h
Hm
HOx, HOy
Hx , Hy
i
kx , k y
NOx, NOy
P
Pairblower
PBC
PE
PEairblower
PEcolumn

Annuity factor
Annual cost due to administration, tax and
insurance
Annual capital cost
Annual electricity cost
Annual cost due to operation and maintenance
Annual overhead cost
Total annual cost
Effective interfacial area for mass transfer
Theoretical interfacial area for mass transfer
according to Onda correlation
Real desorber diameter
Parameter used in mass transfer coefficient
calculation for bubble column
Packed tower diameter at flooding according to
Sherwood correlation
Nominal diameter of packing
Diffusion coefficient in liquid phase, gas phase
respectively
Liquid phase flow rate on a molar and mass basis
respectively
Gas phase flow rate on a molar and mass basis
respectively
Enthalpy
Henry’s Law constant for methane and water
Overall height of a transfer unit based on liquid
and gas phase respectively
individual height of a transfer unit based on
liquid and gas phase respectively
interest rate
Individual mass transfer coefficient for liquid
and gas phase respectively
Overall number of transfer units based on liquid
and gas phase respectively
Ambient system pressure
Air blower power
Total pressure at sparger in bubble column
Purchased equipment cost
Purchased equipment cost of air blower
Purchased equipment cost of bubble column

Unit
[-]
[SEK/year]
[SEK/year]
[SEK/year]
[SEK/year]
[SEK/year]
[SEK/year]
[m2/m3]
[m2/m3]
[m]
[m]
[m]
[m]
[m2/s]
[mol/s] and [kg/s]
[mol/s] and [kg/s]
[kJ/kg]
[kPa/mol fraction]
[m]
[m]
[-]
[m/s]
[-]
[kPa]
[kW]
[kPa]
[SEK]
[SEK]
[SEK]
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PEpacking
PERTO
PEtower
PEwaterpump
Pwaterpump
Qmethane
Qrecycle
TCI
TPE
UCelectricity
UCpack
ux
uy
uy,flood
Vy
x
x*
Xs
Y
Y*
Ys
Zmt
Ztot
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Purchased equipment cost of tower packing
Purchased equipment cost of RTO
Purchased equipment cost of packed tower
Purchased equipment cost of water pump
Water pump power
Energy released by combustion of methane in
RTO
Proportion of heat energy exiting combustion
chamber recycled to heat exchanger in RTO
Total Capital Investment
Total purchased equipment cost
Unitary cost of electricity
Unitary cost of packing
Liquid phase superficial velocity
Gas phase superficial velocity
Superficial velocity of gas phase at flooding
according to Sherwood correlation
Gas phase volumetric flow
Methane concentration in the liquid phase
Equilibrium methane concentration in the liquid
phase
Ordinate parameter used in Sherwood flooding
correlation for packed tower
Methane concentration in the gas phase
Equilibrium methane concentration in the gas
phase
Abscissa parameter used in Sherwood flooding
correlation for packed tower
Total packed height/liquid height of desorber
Total desorber height

[SEK]
[SEK]
[SEK]
[SEK]
[kW]
[kJ]
[-]
[SEK]
[SEK]
[SEK/kWh]
[SEK/m3]
[m/s]
[m/s]
[m/s]
[Nm3/s]
[mol fraction]
[mol fraction]
N/a
[mol ratio]
[mol ratio]
N/a
[m]
[m]

Table E.9: Greek Notation used in Appendix E

Symbol
νx , νy
µx
ρx
σx
εy
ε
σc
ηairblower
ηwaterpump
ΔPpack
ΔPRTO

Unit
Kinematic viscosity of liquid phase, gas [m2/s]
phase respectively
Dynamic viscosity of liquid phase
[Pa*s] unless
indicated
Density of liquid phase
[kg/m3]
Surface tension of liquid phase
[N/m]
Gas phase hold-up in bubble column
[-]
Fractional voidage of packing
[-]
Critical surface tension of packing material
[N/m]
Total electrical efficiency of air blower
[-]
Total electrical efficiency of water pump
[-]
Pressure drop in gas phase due to packing
[kPa/m]
Pressure drop in gas phase due to RTO
[kPa]

Table E.10: Subscripts used in Appendix E

Subscript
a
b
1, 2, 3 etc.

Pertaining to conditions at top of desorber
Pertaining to conditions at bottom of desorber
Either pertaining to different states of gas stream in RTO energy
balance or pertaining to different subunits in calculation of inlet
and outlet conditions for cascades
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APPENDIX F: CONTACTS
Table F.1 gives a list of companies who have been contacted during the writing of this
report and whose skills may be useful in the construction of a full-scale system for
methane neutralisation.
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Table F.1: Contact Details for Companies.

Company Name

Services

Koch-Glitsch (UK) Ltd. Mass transfer etc.;
Packed towers

Contact Name and
Title
John Gillett,
Consultant

Address and Telephone
Number
King Street
Fenton
Stoke-on-Trent
Staffordshire ST4 2LT
ENGLAND

Email Address
john.gillett@kochglitsch.com

Tel: 0044 1782 602212
(Direct line to John Gillett)
www.koch-glitsch.com
Enviros Consulting Ltd. Bubble column
methane desorption
and consulting
services

Keith Cordon,
Consulting Group
Manager

Enviros House
Shrewsbury Business Park
Shrewsbury
Shropshire SY2 6LG
ENGLAND

keith.cordon@enviros.com

Tel: 0044 1743 284818
(Direct line to Keith Cordon)
www.enviros.com
MEGTEC Systems AB

Thermal oxidisers

Per-Olof Sjögren

Theres Svenssons Gata 10
41755 Göteborg
Tel: 031 657800
www.megtec.com153

N/a

APPENDIX G: LIST OF ABBREVIATIONS
Table G.1 shows the abbreviations that are regularly used in this report.
Table G.1: Abbreviations

Abbreviation
UASB
GHG
RTO
EES
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Full Name
Upflow Anaerobic Sludge Blanket
Greenhouse Gas
Regenerative Thermal Oxidiser
Engineering Equation Solver

ADDENDUM 1: Additional Figures for Bubble Column Weak
Cascades Varying Overall Removal Efficiency

The Figures below are results of a sensitivity analysis of the weak bubble column
cascade system to variation in outgoing liquid phase methane concentration.

GHG emissions [kg CO2/kWhthermal]

0.07
0.06
0.05
0.04
0.03
0.02
0.01
0
0.985 to 0.991

0.980 to 0.987

0.975 to 0.981

0.970 to 0.977

Overall Removal Efficiency [-]
5 Subunits, DE=0.997

5 Subunits, DE=0.99

Figure 1: Total GHG Emissions due to a Weak Bubble Column Cascade and RTO System, assuming
Swedish Average Grid Electricity, and for RTO destruction efficiencies of 0.99 and 0.997.

Total System Cost [SEK/m^3]

0.8
0.7
0.6
0.5
0.4
0.3
0.2
0.1
0
2

3

4

5

6

Total Number of Subunits in System
RE=0.985

RE=0.98

RE=0.975

RE=0.97

Figure 2: Total System Cost of a Weak Bubble Column Cascade and RTO System.

155

Total Height per Subunit [m]

6

5

4

3

2

1

0
0.965

0.97

0.975

0.98

0.985

0.99

Overall Removal Efficiency [-]
3 Subunit

4 Subunits

5 Subunits

Figure 3: Total Subunit Heights for Weak Bubble Column Cascade for varying Outgoing Liquid Phase
Methane Concentrations.
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ADDENDUM 2: Determination of the Quantity of Methane Exiting
the UASBs in the Liquid Phase to be Recovered and Oxidised with
Respect to GHG Emissions for Entire System
(Based on [Hellström, 2006])
In a formal systems analysis, the GHG emissions due to the entire UASB process
compared to the GHG emissions from an equivalent aerobic treatment plant is the
determining factor in setting a required proportion of methane that needs to be
recovered from the liquid phase and oxidised. Basing the determination on this
comparison, certain parameters for the UASB performance are important.
As can be seen in the calculations performed below, the quantity of methane produced
in the UASB reactors that can be used as a direct replacement for a fossil fuel is an
important parameter. Methane exiting the UASBs in the gas phase directly is assumed
to be easily upgradeable to gas of vehicle fuel quality. Therefore the proportion of the
total methane that is produced in the UASBs that exits in the gas phase directly is also
important. Finally, of that methane that exits in the liquid phase, it is important that as
much of this as possible is used as a direct replacement for a fossil fuel.
The aim for the entire Hammarby Sjöstad development is that the environmental
impact of the development be less than half that of standard housing developments of
the late 1990s. For a wastewater treatment system, this principle means that the fullscale wastewater treatment plant at Hammarby Sjöstad must have half the
environmental impact of a standard wastewater treatment system. As mentioned
above, it is assumed that the “standard” wastewater treatment system is an aerobic
process, such as that in operation at Henriksdals Reningsverk. From the point of view
of GHG emissions, therefore, the UASB treatment system must have half the total
GHG emissions of such an aerobic process.
It is assumed initially that for a control mass of 100 [kg methane] evolved in the
UASBs, the ratio between the gas and liquid phases is 60:40. That is to say that 60 [kg
methane] exits directly in the gas phase and 40 [kg methane] exits in the liquid phase.
The 60 [kg methane] that exits directly in the gas phase is upgraded to gas of vehicle
fuel quality, during which process 2 % of this amount is emitted to the atmosphere.
This released methane yields GHG emissions given by:
(0.02 × 60) × 23 = 27.6 [kg CO 2 ]

€

[1]

Meanwhile, the remaining methane is combusted as vehicle fuel, directly replacing a
fossil fuel. In this analysis, the net GHG emission due to this portion of the methane is
considered nil since it displaces emissions that would occur in the total system for the
equivalent aerobic process due to fossil fuel combustion.
Meanwhile, of the 40 [kg methane] that exits in the liquid phase, it is assumed that the
proportion that is emitted to the atmosphere is designated by X [-]. GHG emissions
due to this part are given by:
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X × 60 × 23 [kg CO 2 ]

€

GHG emissions due to the portion of methane that is recovered from the liquid phase
and subsequently oxidised is given by:
(1− X) × 2.75 × 40 [kg CO 2 ]

€

[3]

Meanwhile, in the reference aerobic treatment system, all incoming organic carbon is
oxidised directly to carbon dioxide. The GHG emissions due to this quantity of
carbon (which must contain the same number of moles of carbon as the 100 [kg
methane] assumed as the control mass for the UASB system) is given by:
2.75 ×100 = 275 [kg CO 2 ]

€

[2]

[4]

To determine the value of X for the case where the GHG emissions due to the UASB
system are equal to the GHG emissions from the reference aerobic process, emissions
due to the UASB system, given in equations [1] to [3] are added together and equated
with total emissions due to the reference process, given by equation [4]. This yields
the following expression:
27.6 + (X × 60 × 23) + ((1− X) × 2.75 × 40) = 275

[5]

Giving:
€

€

X = 0.17

[6]

Therefore, 17% of the liquid phase methane can in be released to the atmosphere
without a negative impact on the greenhouse effect.
Meanwhile, taking the left hand side of equation [5] and setting X=0 (corresponding
to the situation where all methane exiting the UASBs in the liquid phase is recovered
and oxidised), the minimum GHG emissions due to the control mass of methane can
be found:
27.6 + (2.75 × 40) = 138 [kg CO 2 ]

€

[8]

It can easily be seen with comparison to equation [4] that this corresponds to about 50
% of emissions due to the reference anaerobic system, the desired GHG emission goal
for the full-scale wastewater treatment plant at Hammarby Sjöstad. As has been
shown in the report, however it is in practice impossible to recover and oxidise the
entirety of the methane that exits the UASBs in the liquid phase with the current type
of system.
Having said that, the above result occurs because of the assumed 60:40 ratio of the
control mass of methane evolved in the UASBs exiting in the gas and liquid phases
respectively. Rewriting the terms on the left hand side of equation [5], assuming
instead a 70:30 ratio of methane in the gas and liquid phases, and equating this
expression with the GHG emission corresponding to half that of the aerobic reference
system gives the following equation:
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32.2 + (X × 70 × 23) + ((1− X) × 2.75 × 30) = 275/2

[9]

Giving:
€

€

X = 0.0375

[10]

Therefore, in the case where methane exits the UASBs in the ratio 70:30 between the
gas and liquid phases respectively, 3.75 % of methane exiting the UASBs in the liquid
phase may be released to the atmosphere whilst achieving the desired GHG emissions
goal of 50 % of that of the reference aerobic process. This corresponds well to the 3
% used as a standard value for this parameter in the design process performed in the
report.
Additionally, if it assumed instead that the ratio of methane between the liquid and
gas phases exiting the UASBs is 60:40 again, but that 25% of the methane recovered
from the liquid phase can be used as a direct replacement of a fossil fuel, the resulting
equations give the same result as equation [9]. This is that 3.75 % of the methane that
exits the UASBs in the liquid phase may be released to the atmosphere whilst
achieving the desired GHG emission goal.
This analysis shows that even using this different approach, the system requirement
used throughout the report, that 3 % of the methane exiting the UASBs in the liquid
phase may be released to the atmosphere, is a reasonable one in light of the
environmental goals of the Hammarby Sjöstads project. The analysis also highlights
the importance of measuring and understanding the ratio between the methane exiting
the UASBs in the gas and liquid phases.
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